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Zusammenfassung

Zusammenfassung

Monoklonale Antikérper (mAb) ermoglichen die Behandlung einer Vielzahl schwerer, chronischer
Erkrankungen, wie bestimmte Formen von Krebs und Rheuma, weshalb stetig neuartige
Therapieansatze entwickelt werden und der weltweite Bedarf rasant ansteigt. Um die Produktivitat
bei der mAb-Herstellung zu steigern, werden vermehrt Hochzelldichte (HCD) Kultivierungen von
Saugetier Suspensionszelllinien verwendet, die das Produkt in das Umgebungsmedium segregieren.
Jedoch stellt am Ende dieser ohnehin kostenintensiven Herstellungsprozesse die Abtrennung des
mAb’s von den partikularen Verunreinigungen, primar von den Wirtszellen sowie Zellbruchstiicken,
eine Herausforderung dar. Herkdmmliche Klarungsverfahren auf Basis von Edelstahl Teller-
Separatoren und Einweg Tiefenfiltern haben die Nachteile geringer Partikelbeladungskapazitaten und

hoher Produktverluste, wodurch sie ungeeignet fiir die Klarung von HCD-Prozessen sind.

Im ersten Teil der Arbeit wurde daher ein alternativer Kldrungsansatz mittels einer neuartigen
Gegenstromzentrifuge gefolgt von einem Filtrationsschritt entwickelt und fir die HCD-Klarung
optimiert. Im zweiten Teil wurde die Eignung dieses Ansatzes fiir verschiedene Zellsuspensionen
untersucht sowie der Klarungsprozess in Abhangigkeit der Zellkonzentration modelliert. Es konnte
gezeigt werden, dass der komplett auf Einwegmaterialen basierende Ansatz eine robuste Klarung
sowohl von moderaten Zellkonzentrationen als auch von HCD-Kultivierungen mit mehr als
100 Millionen Zellen/mL ermoglicht. Dabei konnte der entsprechende Prozessdurchsatz vorher

bestimmt und zuverldssig hohe Produktausbeuten von etwa 95 % erreicht werden.

Im dritten Teil dieser Arbeit lag der Fokus auf der Intensivierung der Klarung mittels verschiedener
Vorbehandlungsmethoden der Zellsuspension. Es wurden dabei zwei Methoden mit unterschiedlicher
Wirkungsweise, Flockung und Prazipitation, identifiziert, die einen geringen Einfluss auf die
Gegenstrom-Zentrifugation haben, jedoch den nachfolgenden Filtrationsschritt durch eine bis zu
vierfach hohere Filterkapazitat verbesserten. Zusatzlich konnten mit beiden Ansatzen mehr als 90 %
der geldsten DNA-Verunreinigungen bei gleichbleibender mAb-Qualitat entfernt werden.

Im vierten Teil dieser Arbeit wurde der entwickelte Ansatz zur Zellklarung rationalisiert, indem die
Filtration in den Zentrifugationsschritt integriert wurde. Durch eine direkte, sterile Verbindung beider
Prozessschritte konnte der gesamte Prozess verschlankt sowie die Prozesszeit verkiirzt werden. Der
neuartige Aufbau sowie die entwickelte Methode diesen zu betreiben, wurden als Patent angemeldet
und in einer Konzeptstudie untersucht. Dabei konnte erfolgreich die Intensivierung der Klarung von

HCD-Prozessen demonstriert werden.

Schlagwérter: Monoklonale Antikorper, Zellklarung, Downstream-Processing, Bioprozess-

Intensivierung, Gegenstrom-Zentrifugation



Abstract

Abstract

Monoclonal antibodies (mAb) enable the treatment of many serious, chronic diseases, such as various
types of cancer and immunological disorders, which is why novel therapeutic approaches are being
continuously developed and global demand is growing rapidly. To increase productivity in mAb
production, high cell density (HCD) cultivations of mammalian suspension cell lines that segregate the
product into the culture medium are increasingly used. However, at the end of these already cost-
intensive manufacturing processes, clarification of the mAb from particulate contaminants, primarily
high amounts of host cells as well as cell fragments, presents a challenge. Conventional clarification
processes based on stainless steel disc stack centrifuges and single-use (SU) depth filters have at high
particle loads the drawbacks of low loading capacities and high product losses, making them not

suitable for clarification of HCD processes.

In the first part of the work, an alternative clarification approach using a novel fluidized bed centrifuge
followed by a filtration step was therefore developed and optimized for HCD clarification. In the second
part, the suitability of this approach for different cell suspensions was investigated and the clarification
process was modeled as a function of the cell concentration. It was shown that the approach, which is
based entirely on SU materials, enables robust clarification of both, moderate cell concentrations and
concentrations of more than 100 million cells/mL from HCD cultivations. The corresponding process
throughput could be predicted and high product yields of about 95 % could be consistently achieved.
In the third part of this work, the focus was on intensifying clarification by applying various
pretreatment methods to the cell suspension. Two methods with different modes of action,
flocculation and precipitation, were identified that had a minor effect on fluidized bed centrifugation
but improved the subsequent filtration step by increasing filter capacities up to fourfold. In addition,
both approaches were able to remove more than 90 % of the dissolved DNA impurities while

maintaining mAb quality.

In the fourth part of this work, the developed approach for cell clarification was rationalized by process
integration of the filtration step into the centrifugation step. As a result of the direct, sterile connection
of both steps, the entire process could be streamlined and the process time shortened. The novel setup
and the method developed to operate it were submitted as a patent and investigated in a concept
study. Overall, the intensification of the clarification of HCD processes could be successfully

demonstrated.

Key words: Monoclonal Antibodies, Cell Clarification, Downstream Processing, Bioprocess

Intensification, Fluidized Bed Centrifugation
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Introduction

1 Introduction

Therapeutic monoclonal antibodies (mAb) enable improved health care for millions of people by
treating many severe diseases such as various types of cancer, virus infections and immunological
disorders [1,2]. In recent years, efforts to develop new mAb-based treatments have resulted in the
approval of approximately 10 drugs per year [3]. In 2021, the United States Food and Drug
Administration (FDA) has approved the 100" mAb product [4]. As the number of novel therapies
continues to grow, more patients can be treated, increasing the demand for large quantities of mAb.
Therefore, the global market value of mAb is expected to reach $300 billion by 2025 [5]. An additional
boost in both demand and economic terms could be the widespread use of mAb for pandemic control
[6]. To prevent severe progression of COVID-19, four of the six treatments authorized by the European

Medicines Agency (EMA) are based on mAb [7].

Due to their complex structure, antibodies are produced by mammalian cells, like Chinese Hamster
Ovary (CHO) cell lines, which segregate the product into the medium [8]. For industrial mAb production,
cells are usually cultivated in fed-batch (FB) processes using a cascade of stirred bioreactors in the
upstream processing (UPS) [9]. To harvest the product, the cells are separated from the mAb
containing media by filtration, centrifugation, or both [10]. In the subsequent downstream processing
(DSP), the mAb is purified from contaminants and host cell impurities by a multitude of filtration and

chromatographic steps to achieve a desired quality and to ensure the safety of products [11].

The elaborate manufacturing and the low USP product concentrations in the order of 3 g/L in
commercial processes resulting in high production costs of on average 300 S$/g and thus limit the
accessibility to affordable treatments for patients [12]. Therefore, intensification of biopharmaceutical
manufacturing is needed to decrease costs and increase productivity [13]. Promising approaches are
high cell density (HCD) cultivations, where concentrations of 100 million cells/mL and higher have
already been reached [14,15]. However, these improvements in USP shift the bottleneck to the cell
clarification, where established methods are not capable or not economical to operate, due to low
biomass loading capacities of filters and low product recoveries of conventional centrifuges [16,17].
An additional challenge of HCD processes is the also higher concentration of dissolved impurities,

which increases the pressure on the already cost-intensive DSP [18].

For the clarification of HCD suspensions, novel and flexibly applicable single-use (SU) technologies like
fluidized bed centrifugation could be an opportunity [19]. Additional removal of dissolved impurities
and intensification of the clarification could be reached by cell broth pretreatments [20]. However, the
use of such approaches as a HCD clarification platform requires robust clarification of various cell broth

characteristics, scalability of the setup, preservation of product quality, and high mAb recovery.



Objective

2 Objective

The goal of this dissertation was to overcome the limitations in the clarification of biopharmaceutical
manufacturing processes. A CHO cell line producing an industry relevant mAb was used to model
different process broths. The focus was placed on HCD processes with cell concentrations on the order
of 100 million cells/mL due to the lack of appropriated clarification technologies. An additional goal

was the intensification of the clarification process in terms of increasing product recovery and purity.

First, an approach needs to be developed that is capable to completely remove cells and cell debris
from HCD broth and can be integrated into a SU production process. For a potential process solution,
optimization of process parameters is required to achieve efficient clarification with a high recovery of
mAb. Subsequently, the effect of various cell broth characteristics, like different cell viabilities and
concentrations, needs to be determined to investigate robustness and scalability of the approach. To
study the clarification process performance, both the process variables, such as throughput, and the
product parameters, such as recovery, have to be considered. In addition, flocculation or precipitation
pretreatment methods of cell broth could have the potential to intensify the clarification and the
subsequent DSP by simplifying the removal of aggregated host cell impurities. Therefore, their impact
on the developed clarification approach should be examined. To finally evaluate the applicability of
treatment methods, the mAb quality attributes such as level of aggregation and N-linked glycan
patterns must also be considered. For an even more intensified process, clarification substeps could

be connected and synchronized to allow improved process automation and to streamline the setup.

The results of this work are intended to develop a novel SU process platform for intensified clarification

of HCD processes and thus enable the production of affordable mAb.



Theoretical Background

3 Theoretical Background
3.1 Antibodies

Antibodies, also known as immunoglobulins, are proteins with the ability to bind highly specifically to
molecular structures, the epitopes of antigens. The binding can trigger an immune response directed
against the antigen. Thus, antibodies play a crucial role in the adaptive immune system. They are
produced and segregated by B-cells in the blood serum, where immunoglobulin G (IgG) is the most

abundant out of five mammalian antibody classes [21].

The IgG molecule consists of four subunits: two heavy chains, each consisting of three constant regions
(CH1, CH2, and CH3) and one variable region VC, and two light chains, each consisting of one constant
light (CL) and one variable light (VL) region (Figure 1). The chains are connected by disulfide bridges,
resulting in the characteristic Y-shaped structure. A common antibody (IgG1l subclass) has a
hydrodynamic diameter in the order of 10 nm and a molecular weight of 146 kDa. The flexible hinge
region in the middle divides the molecule into two superordinate domains: the fragment antigen
binding (Fab) and the fragment crystallizable (Fc). In the Fab domain, the variable regions on each side
form the antigen-binding sites, also called paratopes, which are specific for the respective antibody.
The constant Fc domain is recognized by the host immune cell receptors and induces an immune
response. Glycans which are covalently bound to the CH2 region by posttranslational modification
affect the molecule’s conformation [22], solubility [23], and lifetime in blood circulation [24]. Therefore,
the cell type specific glycosylation pattern has a major impact on cytotoxicity and biological activity

[25,26].

Fab

Fragment antigen binding

Fc

Fragment crystallizable

Glycans

Figure 1. Structure of an IgG antibody with highlighted constant regions (CL, CH1, CH2, and CH3),
variable regions (VC and VL), and glycosylation at CH2 (adapted from [27]).



Theoretical Background

The invention of the hybridoma technology in 1975 by César Milstein, Georges Kéhler and Niels Jerne
paved the way for the production of monoclonal antibodies (mAb) [28]. Due to the enormous potential
of this technology, they were awarded the Nobel Prize in Medicine even before the first therapeutic

mAb, used to prevent rejection in kidney transplants, was approved in 1986.

In contrast to the natural immune response, in which a mixture of polyclonal antibodies binds to
different epitopes of an antigen, mAb target a single epitope. However, the murine production system
for the first mAb therapeutics caused immunogenicity in human due to non-human glycan patterns
and was therefore not suitable for chronic therapies [29]. To decrease immunogenicity of mAb,
chimeric, humanized, and fully human antibodies were developed using glyco-engineered cell lines
such as CHO [30]. Moreover, the glycan pattern is considered as a critical quality attribute (CQA) for

therapeutic use due to its considerable impact on safety and function [29].

Beside the in-vivo application, antibodies can also be used in a variety of laboratory diagnostic
applications. For qualitative or quantitative analysis, they are usually applied in combination with a
dye, such as in the antigen tests for SARS-CoV-2 diagnosis [31] or in enzyme-linked immunosorbent
assays (ELISA) [32]. However, the majority of the antibodies produced are used for therapeutic
purposes. Their numerous mechanisms of actions, such as ligand or receptor antagonism, triggering
cell death of certain cells or activating the endogenous immune system, provide powerful tools for

successful treatment of numerous diseases.

A large proportion of mab-based therapies are directed against specific tumors, like nivolumab for lung
cancer indication or trastuzumab for breast or gastric cancer indication [33]. Another field of
application is the treatment of chronic diseases, which is necessary, for example, in various
autoimmune disorders. Furthermore, some infection diseases can also be treated, like HIV infection

using ibalizumab [34].

As a result, mAb’s are the fastest growing class of biopharmaceuticals, with strong growth in total
annual sales. Blockbusters of the past, such as Humira® (adalimumab), which is used to treat some
chronic inflammatory diseases like rheumatoid arthritis, reached a global market volume of
$19.9 billion dollar in 2018 [33]. However, some next generation mAb product candidates currently
being developed such as for the treatment of COVID-19 and Alzheimer diseases have the potential to

generate even higher sales by reaching a much larger patient population [35,36].
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3.2 Biopharmaceutical Manufacturing

The process stream in biopharmaceutical manufacturing is divided into the upstream processing (USP),
in which a biological product is generated using microorganisms, and the downstream processing (DSP),
in which the product is purified to achieve a desired quality (Figure 2). This chapter provides an
overview of the unit operations (UO) involved in the steps of industrial production of mAb and the

recent developments for their intensification.

Depending on the perspective on the overall process, the cell clarification UO is sometimes considered
part of the USP [37] and sometimes considered part of the DSP [38]. Since the focus of this work is on
the clarification, more details on the requirements and the technical realizations are presented in the

chapter 3.3 Cell Clarification Strategies.

Upstream Processing (USP) Downstream Processing (DSP)

<

Inoculum Seed Production Cell Product Polishing Product
Preparation Bioreactor(s) Bioreactor Clarification Capture Step(s) Formulation

Figure 2. Overview of the process stream for production of monoclonal antibodies
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3.2.1 Upstream Processing

For mAb production, the gene sequence encoding the light and heavy chain of the target mAb is
integrated into a host cell to use their cellular protein synthesis apparatus [39]. As heterologous
expression systems, mammalian cell lines dominate over non-mammalian cell lines because of the
ability of post-translational modifications, like glycosylation of the mAb. Therefore, CHO
(approximately 60 %) and murine myeloma (over 30 %) cell lines are commonly used for industrial
production [40]. Cultivated in chemically defined media, they achieve cell specific production rates of
20 pg/cell/day and higher [41], which is equivalent to approximately 100 million mAb molecules

released into the medium by a single cell per day.

The USP starts with the inoculum preparation by transferring thawed cells from a cell bank into shake
flasks to initiate cell growth (Figure 2). After a series of batch-wise passages, the cells are transferred
to a stirred or rocking motion seed bioreactor that provides a highly controlled environment for a
successful proliferation of the cells [42]. Depending on the number of cells required for the inoculation

of the production bioreactor, a cascade of seed reactors with increasing volumes is used.

For seed and production, cultivation can be accomplished in batch, perfusion or fed-batch (FB) process

mode. In the batch mode, the entire process volume consisting of cells and media is loaded into the
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bioreactor at the beginning of the cultivation. This mode is not particularly efficient but is commonly
used in the seed train due to its simplicity [43]. Another process mode is perfusion, where a cell
retention device keeps the cells in the bioreactor while the media is continuously exchanged, providing
fresh nutrients to the cells and removing potentially cytotoxic metabolites. Therefore, perfusion
processes enables an increased cell growth and thus the generation of high cell concentrations which
can be used as alternative seed train [44]. Although it has been shown that also increased mAb
concentrations of more than 25 g/L can be achieved [45,46], this process has rarely been applied for
industrial production so far. Limitations of the applicability are, for example, the consumption of large
amounts of expensive media, large membrane devices for cell retention, and a complex process control

[47].

In the FB mode, the cells are supplied with nutrients during the cultivation process by feeding
concentrated solutions to the bioreactor. Depending on the needs of the cells, the feeding rate can be
adjusted, resulting in enhanced growth and production, while the reactor volume is filled over the
process time. Therefore, most of industrial processes typically are operated in the FB mode [48]. In
large scale biomanufacturing, production bioreactors can have volumes of more than 10 m® [49] to
generate batch sizes of up to 100 kg mAb [50]. In such FB processes, cell concentrations in the order
of 20 million cells/mL are usually achieved [51], allowing production of average mAb concentrations of
3 g/L [12]. The appropriate harvest time point of the bioreactor is a trade-off between maximizing the
use of cells for product formation and increasing release of impurities in the cell death phase at the

end of the FB cultivation.

3.2.2 Downstream Processing

After the removal of cells and debris in the clarification step, the mAb is purified from soluble product
and process related impurities in the DSP to preserve activity of the therapeutic and ensure safety for
the patient. Product related impurities consist of undesired aggregates, fragments, and charge variants
of mAb [52]. Process related impurities released from host cells or by the applied steps of USP and DSP
consist of DNA, host cell proteins (HCP), virus contaminates, leached protein A, and media components

[13].

Since therapeutic mAb are administered intravenously, they have to meet high quality and purity
standards. The World Health Organization (WHO) recommends a residual amount of DNA of less than
10 nginthe final product [53]. In addition, HCP residues that may cause immunogenic patient reactions
are usually limited by the regulatory authorities to a final level of less than 100 ppm per dose, which is

assessed using a risk-based approach for the particular product [54,55]. Moreover, two orthogonal
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virus inactivation steps are mandated by the FDA because virus-contaminated host cell lines pose a

serious risk to patient health [56].

To fulfill these high purity demands, a multitude of UO’s are necessary, starting with the product
capture using protein A affinity chromatography. This commonly used platform approach uses the
binding between the Fc region of the antibody and the immobilized protein A. Due to the high
selectivity, most impurities flow through the column or are subsequently washed out, resulting in
consistent high purities of more than 95 % [57]. Elution of the mAb is performed with low pH buffer
and additionally cause concentration of the product in the harvest pool. In the following step, the
already low pH of the eluate facilitates further acidification for a first virus inactivation, which requires
a pH-value of 3.8 or lower for a sufficient inactivation of retroviruses [58]. As most mAb’s are only
stable for a short time at low pH conditions, a neutral titration is conducted after the process for

stabilization [59].

The subsequent polishing steps target the removal of the residual impurities to meet the specifications
of the authorities. Generic process platform uses at least two chromatographic steps based on the
separation by molecular net surface charge or hydrophobicity. Depending on the isoelectric point of
mAb, the pH value and conductivity of the environment determine the operation windows of the
chromatography process [60]. The isoelectric point is the pH where the mAb has a net surface charge
of zero; a pH below this point results in a positive charge and above this point results in a negative
charge of the molecule. A commonly used chromatography combination is cation exchange
chromatography (CEX) executed in the bind and elute mode followed by anion exchange
chromatography (AEX) executed in flow through mode [61,62]. During CEX, the positively charged mAb
adsorbs on the negatively charged column resin while the negatively charged impurities, such as a
large group of HCP, flow through. During AEX, the mAb flows through the column while impurities,
mainly the negatively charged DNA, leached protein A, and viruses, are adsorbed [63]. As an alternative
or in addition, hydrophobic interaction chromatography or mixed mode chromatography are applied
which are particularly suitable for the removal of mAb aggregates [64]. After or during polishing, a

second virus removal step is incorporated using virus filtration.

In the final product formulation, the buffer is exchanged and the mAb is concentrated using
ultrafiltration/diafiltration [38]. Membranes with a molecular weight cutoff below the mAb are applied,
usually 100 kDa or 30 kDa, allowing the retention of product. The formulation buffer, which is finally
filled with the therapeutic product in a medical dosage, aims to ensure the stability and optimal

bioavailability of the drug [65].
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3.2.3  Process Intensification

Intensification of biopharmaceutical manufacturing is the key to satisfy the increasing demand for
affordable therapeutics [13]. A variety of approaches is used to intensify UO’s, which consider
throughput, recovery, robustness, scalability, time to market, product purity, and costs of goods [38].
By improving the cell line characteristics, the productivity of USP has been steadily enhanced. Due to
selection of highly productive clones, improved cultivation media, and advanced feeding strategies,
the specific growth rates and the cell specific production rates were increased [37]. As a result, average
product titers increased from 0.1 g/L in initial commercial production to 3 g/L in current processes [12].

In some studies, mAb titers of more than 10 g/L have been achieved with FB processes [66,67].

For these and higher titers in USP, cultivation of high cell densities (HCD) is essential, where cell
concentration of 100 million cells/mL have already been reached [14,44]. Alternative HCD process
scenarios are provided by perfusion and concentrated FB processes using cell retention devices for
continuous exchange of cultivation media while the cells are retained in the bioreactor [68]. The supply
of cells with fresh nutrients and the flush out of metabolites favors proliferation and increases
productivity. In perfusion processes, microfiltration cell retention devices, such as alternating
tangential flow filtration, allow continuous harvest of product and therefore also require a continuous
DSP [69]. Concentrated FB processes additionally retain the product by applying ultrafiltration devices,
which requires clarification of the HCD broth at the end of the cultivation [70]. Both approaches can
be applied to increase USP productivity, however, so far most industrial platforms are based on FB
processes due to their high flexibility, lower investment costs, lower consumption of expensive media

and simplified process control [9,48].

For the intensification of DSP, continuous UQO’s such as multicolumn chromatography offer high
potential for increasing throughput, reducing the use of expensive chromatography resin and thus
saving costs [71,72]. Hybrid approaches that combine batchwise USP plus clarification UO with

continuous DSP are also promising for that purpose [73,74].

Another driver of process intensification is the application of single-use (SU) based technologies.
Compared to conventional processes using stainless steel equipment, disposable process equipment
is exchanged after each process run, eliminating the need for cleaning, sterilization, and validation.
This prevent cross-contamination between batches, reduce setup times and thus reduce production
costs [75]. Furthermore, SU allows efficient utilization of plant capacities by increasing the flexibility of
UQO’s [76]. In recent years, the share of SU-equipment in commercial production has increased sharply
[77]. In USP, stirred SU bioreactors are widely established for small- and intermediate-scale production
up to a volume of 2,000 L [78]. The DSP follows by transferring more complex steps into SU, such as

chromatography, centrifugation or tangential flow filtration, and by implementing new technologies
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[79]. For specific process scenarios and scales, the feasibility of a complete SU-based production
stream was already demonstrated [80]. However, for larger process scales and certain UO’s the
applicability of SU equipment often limited, for example, by low biomass loading capacities of filters

at the clarification of HCD broths [17].

To develop intensified platform concepts suitable for industrial mAb production, combinations of HCD
cultivation, SU technologies, and integrated continuous processing are considered the most promising

[15,79,81].
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3.3 Cell Clarification Strategies

Cell clarification aims to remove all particles, such as cells and cell debris, from the cell culture
suspension while recovering the mAb in the clarified liquid. A cascade of clarification steps is used for
harvesting the production reactor, except for perfusion processes, where the cells are retained. Since
the clarification operation connects USP with DSP, it is challenged by both: On the one hand, the UO
needs to be suitable for the respective characteristic of the feed stream, such as biomass
concentrations, cell viability and particle size distributions. On the other hand, it needs to meet the
high requirements of a subsequent DSP, such as clarity, product quality, and throughput. This chapter
reviews the existing clarification strategies, focusing on their limitations and advantages in clarifying

mammalian cell broths.

3.3.1 Cell Broth Pretreatment

Prior to the primary clarification, pretreatments of the cell broth using additives target the aggregation
of impurities to facilitate their removal (Figure 3). Various pretreatment approaches have been
described in the scientific literature, which are usually classified according to their aggregation

mechanism: precipitation or flocculation [20,82].

In precipitation approaches, the solubility limit of dissolved impurities such as certain HCP's is
exceeded to allow their separation as a particulate system in the subsequent clarification UO. For this
purpose, the cell broth conditions such as pH value or ionic strength are changed [13]. A well-known
approach is the lowering of the pH value to 5 in combination with subsequent filtration [82,83] or
centrifugation [84]. In flocculation approaches, the size of particles already present in a suspension is
increased using charged additives that cover or bridge the repulsive forces between similarly charged
particle surfaces while dissolved impurities can additionally be bound to the aggregates [85,86]. Since
most of the impurities are negatively charged under neutral pH conditions, cationic polymers such as
polyethylenimine or polymer poly(diallyldimethylammonium chloride) (pDADMAC) are widely used
[13,87,88]. With both pretreatment approaches, improved the filterability [89] and an additional
reduction of DNA impurity by several log-levels [51] can be achieved. Some pretreatments may provide

further advantages for the DSP, such as the inactivation of viruses [90].

However, the application of pretreatments is limited by their often cytotoxic nature and the risk to
alter the mAb [20]. Cytotoxicity may result in the release of even more impurities through cell lysis in
the broth, and additionally requires complete removal of the additives in the subsequent DSP to ensure
patient safety of the final product [91,92]. In addition, the harsh environmental conditions in
pretreated cell broth pose risks that mAb is lost through co-aggregation or degradation. Moreover,

there is also the risk of a loss in mAb activity due to an additive-induced change in glycan structure
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[93]. Therefore, the stability of mAb and host cells as well as regulatory quality requirements must be

considered for the selection of suitable additives.
Cell Culture Flocculated Cell Culture
NH.+

8. y-u 87 ‘
- %.l'— >
(®) "k Q Cationic flocculation

(Polymer)
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Figure 3. Pretreatment mechanisms using cationic flocculants to aggregate negatively charged virus,
cells, cell debris, DNA, and host cell proteins (HCP), maintaining the antibody in solution (adapted from
[13]).

3.3.2  Filtration

To remove the entire biomass by filtration, at least two subsequent filter stages are required. In the
primary clarification stage, cells and larger debris are removed. In the secondary filtration, a dead-end
sterile filter for the removal of sub-micron debris and colloids is used to protect the chromatographic

columns of the subsequent DSP from fouling [10,13].

As a primary filtration technology, tangential flow filtration enables reduced filter cake formation and
thus high throughputs [94,95]. However, this approach is rarely used in industrial processes because

of low recovery rates and the risk of damaging cells and releasing impurities due to shear forces [61].

A widely used method for primary cell clarification is depth filtration [96]. The approach has a long
history of success, as it has been used for water purification for more than 4,000 years [97]. In
biopharmaceutical production, depth filters consist of synthetic or cellulose fibers and a filter aid that
increases the surface area and provide a porous structure, such as diatomaceous earth [98]. Some
depth filters are additionally charged using a binder chemistry [99]. Particles are retained by their size
on the surface and, unlike membrane filters, in the depth of the porous structure [100]. In addition,
smaller particles and soluble impurities, such as DNA or HCP, can be adsorbed onto the depth filter
material through electrostatic and hydrophobic interactions [101,102]. Depending on the amount and

particle size distribution, a proper selection of the filter grade is required, where often multilayer depth
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filters as well as two successive depth filter stages are used [96]. Another method is dynamic body feed
filtration using diatomaceous earth or other filter aids which are added directly to the cell broth to

increase the retention capacity of the filters [103].

However, since the biomass loading capacities of dead-end filters remain limited, clarification of large
volumes and high cell concentrations is challenged by high filter costs and technological feasibility,

such as high plant footprint, long setup times, and large amounts of waste that need to be treated.

3.3.3 Centrifugation
Centrifugation-based separation uses the differences in the density between culture media and
biomass particles. The centrifugation step is usually applied for the primary clarification, followed by a

small depth and sterile filter stage [13].

Disc stack centrifuges (DSC) are widely used in industrial processes for 2,000 L batch scales and above,
providing low cost operation at large scale and a scalable continuous process platform [10,38,104].
The separation is achieved by pumping the cell broth through a rotating stack of discs. Due to the
centrifugal force, the cells are accelerated towards the outside of the bowl and collected in the solids
holding space, while the supernatant leaves the centrifuge using an axial outlet [10]. The biomass in
the solid holding space is continuously or frequently pushed out by a specific bowl periphery. However,
the required high shear forces can cause cell disruption, thus releasing impurities, which reduces
clarification efficiency and increases stress on the DSP [96,105]. In addition, a high biomass content in
HCD cultures can result in a loss of recovery due to the need to remove solids more frequently
combined with a poor dewatering capability of the system [104]. Furthermore, the stainless steel

system requires pre-sterilization, evaluation, and cleaning for each batch.

Therefore, there are efforts to manufacture centrifuges and all parts that come into contact with the
product as SU equipment [79]. The designs are based either on the classical DSC technology [106] or

on an alternative technology that allows the capture of cells in a fluidized bed [107].

The working principle of a fluidized bed centrifuge (FBC) was first described in 1948 [108], however,
only the recent transfer to a SU concept made the technology attractive for biopharmaceutical cell
clarification applications [107]. Separation of cells is achieved by pumping a cell broth through a
conically shaped chamber against the centrifugal force which results from the radial rotation of the
chambers. While the supernatant flows through the chamber, the cells are captured in it at the point
where the drag force of the fluid flow and the opposing centrifugal force are equal [109]. The FBC is
operated semi-continuously in repeating cycles, consisting of loading of the chambers with cells,
washing of the cells, and discharging the chambers, which enables low shear rates on the cells [19]. So

far there are no reports on the use of SU centrifuges in commercial production.
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3.3.4 Alternative Clarification
In addition to the commonly applied mechanical separation methods based on density or size, there
are some alternative technologies. The following examples have already been demonstrated to be

capable for cell clarification in laboratory or pilot scale mAb processes.

Agueous two-phase extraction is an integrated approach that combines cell clarification, product
capture, and initial polishing [110]. To obtain a suitable biphasic system, two hydrophilic components
whose concentration are above a certain threshold are added to the cell broth and mixed [111]. The
mAb is enriched in the light phase due to its selective solubility, while some impurities are soluble in
the heavy phase and the biomass accumulates in the interphase [112,113]. However, subsequent
separation of the phases, adaption of the following DSP, and careful selection of the phase system for

the respective mAb is required [113].

Acoustic cell separationis another approach for primary clarification that uses the density and different
mechanical properties of cells to capture them in the knots of a three-dimensional standing wave [114].
The captured cells inside the flow channel aggregate and sediment, resulting in a biomass reduction in
the cell broth. Systems with SU flow path were developed, but most applications focus on microfluidic

cell processing [115].

Microfluidic spiral separation was shown to be suitable for continuous removal of CHO cells with high
efficiency [116]. Due to internal fluidic shear characteristics of a flow in spiral channel geometry, cells
are concentrated on the inner sidewall and can be removed at the outlet [117]. Since the effect is
limited to microfluidic channels, so far there are only applications for research and in small-scale

perfusion processes.

A further approach was demonstrated by a concept study aiming for direct capture and purification of
mAb from the cell broth by magnetic beads to circumvent the cell clarification UO [118]. However, it
needs to be investigated whether such approaches are scalable, sufficiently robust, and economically

feasible to operate.

13



Experimental Results

4 Experimental Results

Aim of this PhD thesis was to establish an intensified clarification strategy for biopharmaceutical
manufacturing of mAb’s due to the lack of appropriated HCD clarification technologies and the need
to increase efficiency of established processes. The experimental work for this purpose was divided
into four closely related parts: development of a fluidized bed centrifugation approach to enable HCD
clarification (Chapter 4.1), investigation of robustness for various cell suspension and modeling of the
developed approach (Chapter 4.2), intensification of this approach using cell broth pretreatments
(Chapter 4.3), and implementation of a rationalized setup to streamline the clarification process
(Chapter 4.4). The results of the first three parts were published in separate research articles in
different peer-reviewed journals. The developed setup of the last part was published as an

international patent application due to its high industrial relevance.

In a preliminary study of this work, different SU clarification technologies were investigated to identify
a suitable approach for the clarification of high CHO cell concentrations. For this purpose, depth
filtration, dynamic body feed (DBF) filtration, and fluidized bed centrifugation were examined for
clarification of HCD broths with concentrations in the range of 100 million cells/mL. As a result of the
proof-of-concept experiments, the tested filtration technologies showed relatively low biomass
loading capacities and thus were hardly applicable for HCD clarification. Interestingly, the investigated
SU fluidized bed centrifuge (FBC) was capable to separate cells in HCD broth from the mAb containing
supernatant which suggests a high potential of the approach to be used for HCD clarification. This
results were presented on a poster with the title “High Cell Density Clarification Using Single-Use
Technologies” at the 26™ European Society for Animal Cell Technology (ESACT) Meeting 2019 and

published in the conference proceedings [119].

Due to these findings, a FBC-based HCD clarification approach was developed in the first part of this
work. To enable efficient separation of biomass with simultaneous high recovery of mAb, the FBC
process parameters for loading of the centrifuge chambers with cell broth, washing out of mAb from
the captured cells, and discharging of biomass were optimized. The investigation of cell amount and
viability during the processes suggested mild separation of almost all cells and confirmed a maximum
FBC chamber loading capacity of approximately 10 billion cells per 100 mL chamber volume [120]. In
contrast to the conventional applied disc stack centrifuge, where high particle loads results in reduced
product recoveries [10], a high mAb recovery of 95 % was achieved due to the adaption of the washing

strategy of cells which were captured in the fluidized bed.

After the FBC process step, small amounts of residual biomass in the supernatant needed to be

removed by an appropriated subsequent filtration step. Therefore, a filter screening was conducted to
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identify a filter setup with high filter throughput and high filtrate clarity. As a result of the screening, a
double layer depth filter with nominal pore sizes of 8 um and 0.8 um, followed by a 0.2 um membrane
filter, was found to be best suited to clarify the FBC supernatant and thus was used to complete the
HCD clarification approach. The results of the developed approach using a FBC as first and a small
filtration step as a second clarification step were published, entitled “Clarification of intensified mAb
processes with up to 100 million cells/mL using a single-use fluidized bed centrifuge” (Biochemical

Engineering Journal, 2021) [121].

In order to investigate the applicability and the robustness of the approach for various cell broth
characteristics a further study was conducted, which is presented in the second part of this work. The
cell broths with concentrations ranging from 20 million cells/mL to 110 million cells/mL were
successfully clarified. The achieved consistent mAb recoveries of approximately 95 % and harvest
turbidities below 13 NTU again demonstrates that FBC followed by filtration is a suitable alternative
clarification approach. Furthermore, a process model was developed to predict the process throughput
and product pool dilution in dependency of the cell concentration. The experimental results confirmed
the calculated values, showing an increase in throughput and a decrease in dilution being associated
with a decrease of cell concentration in the cell broth to be clarified. These results were published as
a part (chapter 3.7) of an industrial review highlighting different approaches for process intensification,
entitled “Process Intensification in the Biopharma Industry: Improving Efficiency of Protein
Manufacturing Processes from Development to Production Scale Using Synergistic Approaches”

(Chemical Engineering and Processing, 2022) [122].

In addition, based on these results, another application was identified where the viable cells could be
re-used in a second production cycle after their mild and sterile separation by the FBC. This enables
the development of novel USP modalities to further intensify mAb production. The results of a first
proof-of-concept study indicated a high potential to more than double the productivity in FB processes
which was presented at the ECCE&ECAB 2021 conference with the title “Boosting monoclonal antibody

productivity of fed-batch processes by recovering viable cells.”.

The third part of this PhD thesis represents a feasibility study to intensify the developed clarification
approach by treatments prior to the FBC step using flocculation and precipitation of cell broth. The
primary goal of these pretreatments was to facilitate the removal of cell debris as well as to additionally
remove process related impurities. Therefore, model CHO cell cultures with a low viability and thus a
high content of impurities were used. A screening of potential cell broth additives was accomplished,
identifying low pH precipitation by acetic acid and cationic flocculation by pDADMAC as promising
pretreatments. However, due to a significant change in cell broth conditions by the pretreatment

additives, their application can lead to the release of impurities from damaged cells and alter the
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product. This effect can be additionally exacerbated by the subsequent clarification process. Therefore,
the applicability of these two different pretreatments in combination with the FBC approach was
investigated. In this study, focus was placed on the aggregate formation and stability of cells as well as
on the impact of the pretreatments on selected critical product quality attributes. Overall, it was found
that pretreatments tailored to the cell cultures can be successfully used to intensify FBC clarification.
The results of this feasibility study were published as a research article, entitled “Fluidized bed
centrifugation of precipitated and flocculated cell cultures: An intensified clarification approach for

monoclonal antibodies” (Journal of Biotechnology, 2022) [123].

In the fourth part of this work, a novel clarification setup with a corresponding method of operation
was developed and filed as an international patent application with the title “Clarification setup of a
bioprocessing installation” (WO 2022/008536 Al) [124]. This SU approach based on the clarification
process developed in the preceding parts of this PhD thesis consisting of a cyclical FBC step and a depth
and sterile filtration step, which have so far been operated independently of each other. The novelty
of the invention is that both process steps have been combined in a single unit operation and
implemented into the biomanufacturing process, aiming for a closed flow path from the bioreactor to
the sterile harvest vessel, which was so far not possible with any other centrifugation approach. In the
streamlined setup no intermediate surge vessels and only the pumps of the FBC system were used,

resulting in a reduction of peripheral devices, SU materials and process time.

A proof-of-concept study was conducted to evaluate the applicability of the intensified setup as a
platform approach. The robustness of the approach was assessed by the clarification of different cell
broth characteristics including HCD broth with 110 million cells/mL. To conclude, the scalability of the
approach was successfully demonstrated by clarifying various volumes of cell broth up to 200 L
bioreactor pilot scale. The results were published as a conference poster at the 5™ European
BioProcessing Summit 2022 [125]. Overall, a scalable and robust clarification process was developed
that can be used for different cell broth characteristics, supporting the efforts of bioprocess

intensification.
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4.1 Development of a High Cell Density Clarification Approach

usP Cell Clarification DSP
First Second
Clarification Step Clarification Step

»‘ v, \
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Production Fluidized Bed Depth Filter Sterile Filter Capture
Bioreactor Centrifuge Stage Stage Step

Figure 4. Overview of the developed high cell density (HCD) clarification approach consisting of a
fluidized bed centrifugation as a first clarification step, and a depth filter stage followed by a sterile
filter stage as a second clarification step to connect HCD upstream processing (USP) with downstream
processing (DSP).

Biopharmaceutical manufacturing using high cell concentration poses a challenge for conventional cell
clarification UO’s due to low product recoveries of stainless-steel disk stack centrifuges and low
biomass loading capacities of filters [17]. Therefore, cell clarification represents a technological
bottleneck in intensified mAb production processes. In addition, there is an ongoing trend to apply SU-
based UO from research up to production scale due to higher flexibility, lower hardware costs and

reduced setup times [79].

Therefore, the first publication focuses on development and optimization of a novel, SU-based
clarification approach, which overcomes the limitations of conventional clarification UO’s. The
approach is based on fluidized bed centrifugation as a first clarification step (Figure 4). This technology
enables the capture and concentration of mammalian cells in a fluidized bed by balancing the drag
force of a continuous flow and an opposing centrifugal force which is generated inside a rotating
chamber. As the cells undergo zero-net-force in the fluidized bed, mild process conditions were
expected. As a result of this study, this effect was confirmed by determination of high cell recoveries

and high viabilities of processed cells, additionally suggesting a low release of host cell impurities.

Furthermore, the publication focuses on the parameter optimization for HCD broth with
100 million CHO cells/mL, since several FBC process parameters, such as flow rates and void volumes,
are critical for efficient cell capture and supernatant washout. Suitable flow rates were identified that
enables almost complete removal of cells and almost complete recovery of mAb. In order to achieve
acceptable dilution of product and short process times, process volumes were adjusted to obtain mAb

recoveries of 95 %, which was validated in a 2 L scale. It was found that the complete HCD broth was
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clarified within 30 minutes and successfully achieved the predefined high mAb recovery of 95 + 2 %. In
addition, a high turbidity reduction from 8,000 NTU in the HCD broth to 170 NTU in the clarified

supernatant was obtained.

However, for protection of the expensive column material in the DSP product capture step, the
turbidity of the obtained supernatant must be further reduced by removing the remaining small
particles, such as cell debris. Therefore, a small depth filter followed by a sterile filter was applied as a
second clarification step. A screening of six different depth filters with different nominal pore sizes
followed by a 0.2 um sterile filter was conducted. The most promising filter combination using as depth
filter stage a double layer filter with nominal pore sizes of 8 um and 0.8 um achieved high filter capacity

of 157 L/m? in combination with a filtrate turbidity below 5 NTU.

To conclude, it was possible to develop a novel method that enable the clarification of HCD broth with
100 million cells/mL. In contrast to the commonly applied methods, the FBC followed by a small filter
step provides a complete SU-based approach. The optimization of process parameters achieved short

process times and high recovery of product, offering great potential for process intensification.

18



Experimental Results

Biochemical Engineering Journal 167 (2021) 107887

Contents lists available at ScienceDirect

BIOCHEMICAL
ENGINEERING
JOURNAL

Biochemical Engineering Journal

journal homepage: www.elsevier.com/locate/bej

e

A novel clarification approach for intensified monoclonal antibody
processes with 100 million cells/mL using a single-use fluidized
bed centrifuge

Martin Saballus *, Lucy Nisser, Markus Kampmann, Gerhard Greller

Sartorius Stedim Biotech GmbH, Corporate Research, August-Spindler-Strafie 11, 37079 Goutingen, Germany

ARTICLEINFO ABSTRACT

Keywords:
Fluidized bed centrifuge
High cell density

Intensified high cell density (HCD) processes for the production of therapeutic proteins have already reached cell
concentrations up to 100 million cells/mL (> 300 g/L wet cell weight, WCW). The clarification of such HCD
processes using technologies established for conventional fed-batch processes (< 100 g/L WCW) is faced with

;Eca):nlﬁ:liﬂifdm{bud low biomass loading capacities and relatively low product recoveries, which limit their applicability. This and
oclonal y

Single-use ; the growing demand for single-use (SU) technologies increases the pressure to develop scalable, robust and cost-
Downstream effective SU based HCD clarification solutions.

Therefore, in this study a SU fluidized bed centrifuge (FBC) system was investigated to clarify HCD broths with
100 million cells/mL from a monoclonal antibody production process. FBC parameters including process volumes
and flow rates during the FBC operating steps were optimized so that an almost complete removal of biomass and
product recoveries of 95 % were achieved. In addition, the mild centrifugation conditions were demonstrated by
the superior cell viability for the separated cells while minimizing release of host cell impurities. Furthermore, a
post-centrifugal filter screening showed acceptable turbidities below 5 NTU of the sterile filtrate. This concept of
FBC with subsequent filtration offers excellent potential to achieve a robust HCD clarification process solution.

1. Introduction

The increasing number of approved therapeutic proteins, especially
of monoclonal antibodies (mAb) [1], has boosted the development of
intensified biopharmaceutical processes to reduce costs and increase
production quantities for a growing patient population [2,3]. As aresult,
mADb titers have been increased a hundredfold from less than 0.1 g/L in
the 1990's to 10 g/L in modern fed-batch cultivations [4] by the use of
high producing clones, optimized media and increased mammalian cell
concentrations [5]. By 2026, novel concentrated fed-batch processes
with cell concentrations of 60-100 million cells/mL and product titers in
the range of 30-50 g/L are expected by the BioPhorum group, a
collaboration of global biopharmaceutical industries [6]. Such high cell
density (HCD) process scenarios are based on parallel operation of small
and highly flexible single-use (SU) bioreactors with working volumes up

to a maximum scale of 2 m> [7]. It has already been demonstrated that
HCD upstream processes using cell concentrations of 100 million
cells/mL are capable to increase to more than double the manufacturing
output compared to a standard fed-batch process [8].

However, HCD upstream processing (USP) requires the removal of
large quantities of biomass as well as high levels of dissolved impurities
in the downstream processing (DSP) [9]. Established stainless steel
production processes with cell concentrations in a typical range of
10-20 million cells/mL (< 100 g/L wet cell weight, WCW) and volumes
of 15 m” are clarified by disc stack centrifugation followed by a depth
and membrane filter stage [10,11]. However, the application of disc
stack centrifuges for clarifying novel HCD processes is restricted due to
their high investment costs and long turnaround times of up to 8 h [12]
as well as due to their lower product yields with increasing cell con-
centrations [13]. Other established technologies based only on

Abbreviations: CHO, Chinese hamster avary; Ch, chamber; CV, cycle volume; DSP, downstream processing; ELISA, enzyme-linked immunosorbent assay; FBC,
fluidized bed centrifuge; HCD, high cell density; HCP, host cell protein; HPLC, high performance liquid chromatography; IDV, initial dump volume; PBS, phosphate
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filtration, like depth filters, are also hardly applicable for HCD clarifi-
cation due to their limited biomass loading capacities [14]. This shifts
the bottleneck from USP to the clarification and the further DSP steps
[15], where established technologies are not capable or too expensive to
clarify and purify products from intensified USP [16].

Therefore, novel and SU based clarification technologies such as
acoustic cell settling [17], alternating tangential flow filtration [18] and
aqueous two-phase extraction [19] are getting more strongly in the
center of interest. SU based unit operations are usually less expensive
and easier to handle, without the risk of cross-contamination, and have
shorter setup times as cleaning and sterilization are eliminated [20].
Despite these advantages, the industry is lacking in feasible SU clarifi-
cation of HCD processes with cell concentration in the order of magni-
tude of 100 million cells/mL (> 300 g/L WCW).

A challenge in all the above mentioned clarification technologies is
that biomass and product containing liquid can usually not be
completely separated. Therefore, a significant amount of product is
discharged in HCD processes with the high amounts of separated
biomass with adverse reduction in mAb recovery. This could be over-
come by an additional washing of the separated biomass to flush out
remaining product. In addition to assessing the technical feasibility of
novel clarification approaches, the quality of the harvested material has
to be investigated, since the release of impurities due to cell damage
during the clarification represents an additional burden for the subse-
quent purification process.

Fluidized bed centrifuges (FBC), also termed counter flow centri-
fuges, represent a novel SU clarification approach for the removal of
cells from biopharmaceutical processes and offer an integrated option to
wash separated cells during the clarification process [21]. Furthermore,
FBC promise mild process conditions compared to disk stack centrifu-
gation [22], as they were developed to separate cells, such as different
blood cell types [23]. Therefore, FBC could be a potent clarification
technology for HCD broths te increase product recovery and to minimize
the release of impurities. So far, however, there are no reports in the
scientific literature about HCD clarification approaches using FBC.

Unlike the established disc stack centrifuges, FBC have closed
disposable separation modules and automatically work in a cyclic mode
of cell loading, washing and discharging [24]. Cells and cell debris are
retained in the chambers in a fluidized bed when the particle sedimen-
tation velocity equals the velocity of a counter flow through the chamber
[25]. Therefore, the centrifugal parameters such as flow rates, process
volumes and cell retaining capability of each cycle step have to be
adapted for the cell suspension to be clarified to achieve optimal
biomass removal and product recovery. To ensure a biomass free and
sterile intermediate fluid for further purification, the FBC harvest fluid
requires to be filtered in a subsequent small filter stage. Therefore it is
necessary to determine a filter setup that achieves both a robust
reduction of turbidity and a high filter capacity.

In this study, the clarification of HCD suspensions from intensified
mAb processes was examined using a FBC. For this investigation a
Chinese hamster ovary (CHO) cell broth with 100 million cells/mL
producing a mAb was used as a model system of a concentrated fed-
batch. With the objective of a high biomass reduction, a high chamber
utilization and thus a fast cell clarification, the centrifugal parameters of
cell broth loading and washing of the fluidized bed were optimized.
Furthermore, the mAb throughput was characterized during HCD pro-
cessing to optimize buffer removal and washing volumes aiming high
product recovery with minimal product dilution. In addition, the impact
of centrifugation conditions on the cells and process related impurities
was examined to evaluate the harvest quality. The optimized FBC
parameter settings were validated in three independent HCD clarifica-
tion trials to verify the robustness of this approach. Furthermore, post-
centrifugal filtration was investigated and a suitable filter setup was
validated to complete the HCD clarification unit operation.

Experimental Results

Biochemical Engineering Jowrnal 167 (2021) 107887
2. Materials and methods
2.1. High cell density suspension

A mAb (immunoglobulin type G) producing CHO-DG44 cell line was
used to generate a HCD model suspension for clarification. The cells
were cultivated in a perfusion SU bioreactor (BIOSTAT® RM 20,
Sartorius, Germany) using a commercial serum-free medium. During the
cultivation time of 7 days a cell specific perfusion rate of 50
pL*cell '*d ! based on the online measured biomass value was applied.
A pO3 value of 60 % was maintained by a rocking cascade starting at 30
rpm with a rocker angle of 10°. The temperature was set to 36.8 °C and
the pH value was controlled at 6.95.

At harvest time point the viable cell concentration (VCC) was in the
range of 79-110 million cells/mL corresponding to a wet cell weight
(WCW) of at least 320 g/L. The cells had a viability of > 93 % and an
average diameter in the range of 16-18 pm. The concentration of mAb
was approximately 1 g/L due to permeation of product during the
perfusion process.

In some cases the cell broth was spiked with mAb to increase the titer
of the HCD suspension to at least 2 g/L and to dilute the VCC to 100
million cells/mL. The concentrate for the spike was prepared by 30 kDa
ultra filtration (Sartocon® Slice 200 Hydrosart® Cassette, Sartorius,
Germany) of clarified cell broth to obtain enriched mAb solutions with
concentrations of 10-15 g/L.

2.2. Fluidized bed centrifugation

To evaluate FBC for HCD clarification, a kSep® 400 System with
associated SU harvest clarification consumable kits (Sartorius, Ger-
many) was used. The consumable kits consisted of a set of four radially
installed conical centrifuge chambers (Ch) with a volume of 100 mL
each (Fig. 1) and a tubing set.

The FBC clarification process was started by priming the tubing set
and the chambers with buffer fluid as well as by ramp-up the centrifugal
force. In all experiments, pH 7.4 phosphate buffered saline (PBS,
chemicals supplied by Carl Roth, Germany) was used as priming and
washing buffer. In order to retain as small particles as possible in the
chambers, the maximum centrifugal force of the FBC system of 1000 xg
was applied during the entire process.

In the first cycle step the chambers were loaded with cell broth
(Fig. 2, A) using loading flow rates in the range of 50-300 mL/min/Ch
for the application of different cell loads (7 x 107 = 11 x 10°? cells/Ch).
PBS buffer liquid, which was initially in the chambers due to priming or
a previous clarification cycle, was replaced by the cell suspension and

Fig. 1. Image of a filled single-use centrifuge chamber, partly loaded with cells
(opaque yellow, left) and the separated supernatant fluid (clear orange, right)
(For interpretation of the references to colour in this figure legend, the reader is
referred to the web version of this article.).
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Fig. 2. Sequence of cycle steps during fluid bed centrifugation: (A) Loading of
cell broth where the supernatant (yellow) passes the conical chamber and the
cells (brown dots) are retained inside to generate a fluidized bed; (B} Washing
of the fluidized bed with buffer (blue) to flush out the product containing su-
pernatant; (C) Discharging buffer and cells by switching the flow direction of
buffer (For interpretation of the references to colour in this figure legend, the
reader is referred to the web version of this article.).

the supernatant was collected in a harvest pool vessel. In some experi-
ments, an initial dump volume (IDV) of 100 mL/Ch was directed into the
FBC waste pool during the loading.

After the chamber was loaded with a certain amount of biomass the
residual supernatant of the fluidized bed was washed out into the har-
vest pool (Fig. 2, B) by washing the fluidized bed with 250-350 mL/Ch
PBS buffer liquid using wash flow rates of 50-250 mL/min/Ch.

In the last cycle step the chambers were discharged into a waste
vessel by switching the flow direction in the chambers (Fig. 2, C). A
discharge flow rate of 300 mL/min/Ch and a discharge volume of 150
mL/Ch was used in all experiments. This semi-continuous centrifugation
procedure consisting of sequential loading, washing and discharging
steps was repeated until a specific volume was clarified. The perfor-
mance of the HCD clarification was assessed by the determination of
biomass content, cell concentration, turbidity and mAb amount in cell
broth, harvest and waste pools.

2.3. Post-centrifugal filter screening

The screening setup comprised a 25 cm? filter device for the first
stage followed by a smaller sterilizing grade filter of 4.5 cm? for the
second filter stage. As a first filter stage the depth filter types DL60, S400
+ 5020, DL20 and DL75 (Sartoclear®, Sartorius, Germany) with various
retention rates as well as the 1.2 pm membrane filter types GF+ and PP3
(Sartopure®, Sartorius, Germany) with different membrane materials
were tested. A Sartopore® 2 XLG sterile filter (Sartorius, Germany) was
used as second stage filter in all setups. SU pressure sensors (Type
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175255P-10, Sartorius, Germany) were installed in front of each filter
inlet port. A peristaltic pump with pressure recording (SciLog®, Parker,
US) was used for process control.

Duplicate runs were performed for each filter setup. Initially, a pre-
flush of depth filters with 50 L/m? was carried out using pH 7.4 PBS.
Then the sterile filter was connected to the outlet of the flushed depth
filter stage. The tested membrane filters were not pre-flushed. One
centrifuged HCD harvest pool was aliquoted and used as feed in order to
provide the same starting conditions for all filtration experiments. The
prepared assemblies were tested using a constant volumetric flux of 120
L/m?/h based on the area of the first filter stage. The filtration was
stopped when the overall pressure drop of both filters reached the
pressure limit of 1.5 bar. No post-flush or blow out was performed to
simplify the screening. To compare filter performance, the filtrate vol-
ume and turbidity were measured after the filtration and the filter ca-
pacity of the setups were determined by dividing the volume of the
filtrate by the area of the first filter stage.

The setup with the highest capacity and a sufficient turbidity
reduction was evaluated regarding robustness and product recovery in
four filtration runs using different FBC harvests. Process conditions were
identical to those in the previous screening trials, with the exception of
an additional filter post-flush of 20 L/m? with PBS (pH 7.4) to recover
residual product from the filter stages.

2.4, Analytics

Viable and Trypan Blue stained non-viable cells were analyzed using
an automatic cell counter (Cedex HiRes Analyzer, Roche, Germany) to
determine total cell concentration (TCC), VCC and cell viability. In
addition, the instrument was used to determine cell diameter.

For the determination of the WCW 10 mL cell suspension were
transferred in a 15 mL centrifuge tube and centrifuged at 5000x g for 10
min. Then supernatant was completely removed by gentle tapping of the
centrifuged tube on a tissue cloth and the remaining pellet was weighed.
Pellet mass determination was performed at least in duplicates and re-
sults were averaged. WCW was calculated by dividing the pellet mass by
the suspension volume.

Turbidity was measured by a nephelometer (TL2350, Hach, Ger-
many) which was calibrated with standard solutions provided by the
manufacturer.

The density of particle free solutions was measured by an oscillating
U-tube density meter (DMA 38, Anton Paar, Austria) at a constant
temperature of 20.0 °C.

The quantification of mAb was performed by size exclusion chro-
matography (SEC) using a high performance liquid chromatography
(HPLC) system (Dionex UltiMate 3000, ThermoFisher Scientific, USA).
In preparation for the SEC analysis, samples were filtered (Minisart RC4
0.2 pm syringe filter, Sartorius, Germany) and, if necessary, diluted with
SEC buffer. The SEC buffer with a pH of 6.6 comprised of 100 mM
NazS04, 5 mM NaH3PO4 and 50 mM NapHPO4 (chemicals supplied by
Carl Roth, Germany). The samples were loaded onto a gel column (Yarra
3 pm SEC-3000, Phenomenex, USA) at a flow rate of 1 mL/min. A
standard stock solution was used to determine the calibration curve. The
concentration of mAb in the samples was calculated by linear regression
of the corresponding mAb peak areas at 280 nm. In order to ensure that
mAb peaks are not interfered by impurities of the same size, SEC
quantification was previously verified by analytical protein A HPLC
(data not shown).

Product recovery was calculated taking into account the volume of
biomass in the process volume as already described for other HCD
processes [26]. Therefore, the volume of biomass was subtracted from
the corresponding total volume where the density of the biomass (ppm),
mainly cells, was assumed to be similar to that of the liquid. The product
containing liquid volume (V) was defined as
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Furthermore, the supplied total mAb mass of the feed was ealculated
after the clarification by sum up the mAb amount in waste and harvest
pool. A direct determination of the mAb amount in the feed at process
start was not satisfactory for the calculation of the recovery due to the
observation that mAb concentrations in the HCD broth continued to
increase within the (short) clarification process resulting in over-
determined recoveries of > 100 %. Therefore, the mAb recovery was
calculated according to

V(H) x ¢(H)
V(W) % c(W) + V(H) x c(H)

x 100 ()

recovery =

where ¢(H) is the mAb concentration in the harvest volume V(H) and ¢
(W) is the mAb concentration in the waste volume V(W).

The concentration of host cell proteins (HCP) was determined in
HCD supernatant, FBC harvest and FBC waste pool as an indication for
cell damage. Measurement of HCP concentration was performed in
triplicates using a HCP-ELISA kit (CYG-F550, Cygnus Technologies,
USA). Samples were diluted in ELISA buffer (20 mM TRIS, 50 mM NaCl,
all chemicals purchased from Carl Roth, Germany) to reach the detec-
tion range of 1-100 ng/mL according to the manufacturer instructions.
Absorption values were measured by a plate reader (infinite® 200,
Tecan, Switzerland).

All indicated deviations of the presented results refer to their stan-
dard deviations for multiple measurements.

3. Results and discussion
3.1. Biomass removal by applying FBC

3.1.1. Examination and optimization of flow rates

To achieve a high clarification throughput, loading and washing flow
rates were investigated to determine the highest feasible flow rates
where cells are retained in the FBC chamber. In each experiment, one
flow rate was varied while the other was kept constant at 100 mL/min/
Ch. The chambers were loaded with approximately 10 x 10 cells/Ch in
all trials.

The tested loading flow rates showed a constant TCC in the harvest
pool below 0.5 x 10° cells/mlL, indicating an almost complete cell
retention during chamber loading (Fig. 3). Therefore, the maximum
loading flow rate of 300 mL/min/Ch was applied in all following ex-
periments to achieve fast clarification without cell breakthrough.

However, the subsequent washing of the fluidized bed with wash

n
o
)

—o—|oading

-y
i

71 —e—washing

v

Harvest TCC [10E6 cells/mL]
=)

(=)

0 100 200 300
Flow rate [mL/min/Ch]

Fig. 3. Total cell concentration (TCC) of harvest pool as a function of centrifuge
loading and washing flow rates. Each data point indicates a separate experi-
ment of a completed centrifugation cycle using four chambers (Ch) and a
loading of approximately 10 x 10E9 cells/Ch using the same high cell density
broth as feed.
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flow rates higher than 100 mL/min/Ch showed a steep and almost linear
increase in TCC of the harvest pool (Fig. 3). A reason for the washing out
of the cells from the chambers was most likely a disruption of the flu-
idized bed during the entry of wash buffer into the chambers, induced by
differences in liquid density between wash buffer (1.005 kg/L) and su-
pernatant (1.007-1.011 kg/L). The observed density variation of the
HCD supernatant was probably caused by slight batch to batch varia-
tions in the supernatant composition, such as different protein, glucose
and lactate concentrations. Since an adjustment of the wash buffer
density to the supernatant density is not practicable for each clarifica-
tion, a wash flow rate of 100 mL/min/Ch was applied in all further trials
to enable robust cell retention with hardly any cell breakthrough into
the harvest pool.

3.1.2. Cell loading capacity of FBC chambers

As an indicator for the loading of the chambers with cells, the filling
level of the fluidized bed was visually monitored during the entire FBC
cycle. It was observed that a filling level of approximately 90 % at the
end of the loading step results in an almost cell-free FBC harvest (Fig. 4).

For a more precise determination of the filling level and for an
enhanced utilization of the FBC chambers, the maximum number of cells
retained per chamber, also termed maximum chamber capacity (Cpax.),
was examined. Therefore, loading test were performed by loading a
chamber in a centrifugation cycle with a known number of cells using
different HCD broth volumes with a TCC of 79 x 10° cells/mL. The cell
breakthrough as an indication of chamber overloading was assessed by
measuring turbidity and TCC in the harvest pool after each tested cell
load.

As shown in Fig. 5, harvest turbidities below 100 NTU with hardly
any cell breakthrough were achieved for chamber loads up to 9.5 x 10?
cells/Ch. At a loading of 10.4 x 10° cells/Ch, a strong increase of
turbidity to 340 NTU and also of TCC in the harvest pool was observed
(Fig. 5), indicating a chamber overloading by exceeding Cpax. Therefore,
a Cpax Of 10 % 107 cells/Ch was determined for the HCD clarification,
which is consistent with the previously published capacities for the
clarification of moderate CHO concentrations of 5 x 10° cells/mL [25].

A calculation approach was chosen for the volume of cell broth that
can be clarified per chamber and cycle (CV) without exceeding Cpax. The
total number of retained cells depends on g-force, flow rate, cell volume
as well as media density and viscosity [22]. If these conditions are kept
constant, the CV only depends on the maximum chamber capacity
(Crax-) and the TCC of the feed as shown in Eq. (3):

Loading

Empty chamber Filled chamber (= 90 %)

Fig. 4. Progress of chamber loading as displayed by the kSep® 400 centrifuge
system, where the biomass, mainly consisting of CHO cells, are retained in a
fluidized bed. A chamber utilization of approximately 90 % is used as an in-
dicator for the maximum chamber capacity where hardly any cells were
observed in the harvest pool.
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=10 —o—TCC r 400 mADb at the FBC harvest outlet was determined by harvesting the com-
E = plete outlet stream during chamber loading (IDV = 0 mL/Ch) and by
;: 8 + +Turbidity L 300 E using a high wash volume (WV) of 350 mL/Ch. In addition, the FBC
v ey outlet stream was collected in 40 mL fractions and mAb concentrations
g 6 = were measured to optimize FBC parameters of IDV and WV.
= I 200 & As shown in Fig. 7 (A) similar concentration trends were observed in
g 44 = both trials. During the loading of the chambers, hardly any mAb was
i H detected in the harvest outlet. In the subsequent washing step the mAb
2 4 r 100 g concentrations increased strongly. The maxima were achieved with a
E T total harvest volume of approximately 0.65 L. During continued
T 9 £ . : . 0 washing, the concentrations slowly decreased until, at total harvest
6 7 8 9 10 11 voltxllmes of approximately 1.6 L, hardly any mAb was detected in the
outlet stream.
Numﬁﬁngcljli ?(e:g} Cells This characteristic mAb throughput can be explained as follows:
Chamber loading with feed displaces the buffer solution of the pre-filled
Fig. 5. Total cell concentration (TCC) and turbidity of the harvest pool as a chambers and the tubing, resulting in a delay of mAb concentration in
function of chamber load with CHO cells. Each data point represents a centri- the harvest outlet. After the chambers are fully loaded, the fluidized bed
fugation trial using the same cell broth as feed. is washed until the product-containing medium is completely washed
out.
G Based on the observation that at the beginning and end of the FBC
el= Tce &) cycle there was hardly any product in the harvest outlet stream, the

parameters IDV and WV were selected to ensure a high mAb recovery in
the harvest fraction with minimal product dilution. Therefore, the ratio
of mAb reaching the harvest pool during the centrifugation cycle was
calculated by cumulating mAb masses of the fractions divided by the
total mAb mass processed during the complete cycle, which is shown in
loading and 100 mL/min/Ch for washing as well as the determined Cpax Bg 7 (B I Dv,oﬂ,m i/ Ghowiis deteminied 1o:a scard thie preflled
of 10 x 107 cells/Ch, the removal of biomass was examined. Therefore, 2 bufferto avoid diintion ot i Hafvest paol AGErIR0 L buffér were

L HCD broth containing a TCC of 109.7 x 10° cells/mL witha viability of subsequently flushed through each chamber, approximately 95 % of the
03.6 % was clarified processed mAb reached the harvest pool. Further washing of the fluid-

The cell broth was processed within 18 min in six centrifugation ized bed would result in a high dilution of the harvest due to the strong
cycles using four FEC chambers: During clarification, the total biomass flattening of the cumulative mAb curve. Therefore, a WV of 260 mL/Ch

amount of 808 g in the féed was reduced to 69 g in the FBG harvest pool, was applied in all further trials to achieve mAb recoveries of approxi-
as also shown by a low FBC harvest turbidity of 158 NTU (Fig. 6). This ~ T2 95 %. .
high biomass reduction of 92 % showed that the optimized parameters ';'l}e similar mAb throughput curves for. bpth tested concentrations
were sufficient to achieve a separation of the major part of the biomass add1t10na]l‘y su‘ggest that s thoughpd {s 1ndepende'nt cff. the:mAb
fruthe FBC harvest. pool concentration in the feed and thus promise the applicability of the
clarification parameters also for other processes such as concentrated
fed-batches.

In all further studies, CV was calculated on the basis of the fixed Cpgy
of 10 x 10° cells/Ch for different TCC according to Eq. (3).

3.1.3. Evaluation of flow rates and chamber loading
In order to evaluate the determined flow rates of 300 mL/min/Ch for

3.1.4. Gharacterization of mAb throughput

To examine the mAb throughput of the FBC, two experiments were
performed using different HCD broths with a TCC 0f 100 x 10° cells/mL
and mAb concentrations of 1.4 g/L and 2.7 g/L. The total throughput of

HCD Broth

(0 o Tiom M N
e At
!’e?f [{a} i,“.‘r‘ o

' 4

FBC Harvest

FBC Waste

808 g Biomass; 7473 NTU

69 g Biomass; 158 NTU 749 g Biomass; 3923 NTU

Fig. 6. Total biomass and turbidity of unclarified high cell desity broth and the obtained fluidized bed centrifuge (FBC) clarified harvest pool containing low biomass
as well as the FBC waste pool containing the bulk of the biomass.
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Fig. 7. Monoclonal antibody (mAb) throughput curves of the fluidized bed centrifuge harvest stream using four chambers to clarify high cell density (HCD) sus-
pensions with two different mAb concentrations of 2.7 g/L (trial 1) and 1.4 g/L (trial 2). In both trials 0.4 L HCD culture volume was loaded (100 mL/Ch) with a flow
rate of 100 mL/min/Ch before the fluidized bed was washed with 1.4 L buffer (350 mL/Ch). (A) mAb concentrations in the processed volume which passed the
harvest line. (B) Normalized cumulative amount of mAb plotted against the processed volume per chamber. The vertical lines (green) enclose the volume fraction,
which contains = 95 % of the recovered mAD (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of

this article.).
3.2. Validation and application of FBC clarification

The optimized HCD clarification parameters for the investigated FBC
system (Table 1) were validated by three independent clarification runs.
In all trials, 2 L broth was processed in less than 30 min with an average
HCD broth throughput of 6.0 + 0.1 L/h. The initial feed turbidities of
almost 8000 NTU were reduced to 170 = 28 NTU in the harvest sug-
gesting a successful biomass removal (Table 2). Due to the washing
(Fig. 7) harvest volumes of approximately 5.2 L were obtained. The
impact of this product dilution has to be evaluated for subsequent DSP
steps. However, as caleulated in Section 3.2, high mAb recoveries of 95
=+ 2 % were obtained, enabled by the optimized washout of product from
the fluidized bed (Table 2). The observed small standard deviation of the
recovery indicates a high robustness of the process.

Applying the optimized parameters, a FBC process scenario for HCD
clarification could be for example the clarification of a 10 L HCD batch
with 100 million cells/mL within 100 min. However, it should be
considered that significantly higher throughputs can be achieved at
lower cell concentrations, since a larger volume per cycle can be clari-
fied. In addition, increased throughputs for a fast clarification of in-
dustrial production processes, like the clarification of 2 m® SU
bioreactors, can also be reached with larger FBC systems [25].

It should also be noted that the primary clarification of HCD broth
with 100 million cells/mL by depth filtration using the procedure
described in Section 2.3 resulted in an immediate filter blocking and
thus in very low filter capacities (data not shown). This indicates a very
limited applicability of filtration due to the high biomass content of HCD
broths and emphasizes the high potential of the FBC approach.

Table 1
Overview of optimized fluidized bed centrifuge parameters for the
clarification of 100 » 10E6 CHO cells/mL.

Centrifuge Parameter Value

Load Flow Rate 300 mL/min/Ch

Wash Flow Rate 100 mL/min/Ch
Loading Capacity 10 % 10E9 cells/Ch
Initial Dump Volume 100 mL/Ch

‘Wash Volume 260 mL/Ch

Table 2

Validation results of the optimized clarification parameters for high cell density
(HCD) processes using a fluidized bed centrifuge (FBC). Different HCD broths,
characterized by their turbidity, concentration of viable cells (VCC), and
viability, were used as FBC feed. Turbidity and mAb recovery of the FBC harvest
were determined as an indication of FBC performance.

HCD Broth FBC Harvest

HCD Broth VCC [10E6 Viability Harvest mADb Recovery
Turbidity cells/mL] [%] Turbidity of FBC Step [%]
[NTU] [NTU]

7950 100.8 93.8 151 97.0

7473 102.7 93.6 158 95.8

7955 o7.1 94.0 202 93.2

3.3. Impact of FBC on cells and harvest quality

To investigate potential damage of cells during the FBC clarification
process, the viability and the amount of cells were analyzed before and
after centrifugation. It was observed that a high cell viability of 89 + 3 %
was maintained after the centrifugal separation. Compared to the initial
viability, only a slight decrease of approximately 5 % was detected.
Furthermore, a total cell amount of 93 + 8 % in waste and harvest pool
was found. This high recovery of cells was probably achieved due to low
shear stress for the cells during FBC separation, which was also predicted
by a published simulation of shear rates for cells in the fluidized bed
using the same chamber type as in the FBC system investigated here
[27].

However, the flow of cell broth through the branched tubing set, the
extensive pumping and the change from cell culture media to phosphate
buffer during cell load and wash were not considered in the simulation.
These influences of the clarification process may cause cell damage as
well as a slight cell loss due to lysis, resulting in a release of impurities
such as HCP, thus impairing the quality of the harvest [16].

Therefore, HCP concentrations and total HCP amounts were deter-
mined as a key attribute of the harvest quality. An initial HCP concen-
tration of 400 + 75 mg/L was measured in the unclarified HCD broth.
After the clarification process, a slightly increased total HCP amount of
105 £ 11 % in harvest and waste pool was observed, suggesting no
significant release of host cell components into the process medium. The
harvest pool accounted for 85 + 12 % of this HCP amount, which was in
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Fig. 8. Filter capacities and filtrate turbidities of different depth and membrane filter combinations after filtration of a pre-clarified high cell density broth from a
fluidized bed centrifuge (FBC). Standard deviations result from duplicate trials using the same FBC harvest pool with an initial turbidity of 147 NTU for all trials.

a similar range as the mAb recovery.

These results proved mild process conditions by using the optimized
FBC parameters as well as no negative impact of the HCD clarification
approach on the quality of the harvest.

3.4. Post-centrifugal filtration

In order to remove residual biomass of pre-clarified HCD broth after

FBC processing, a screening of different two-stage filter setups was
performed. As a first filter stage, various membrane and depth filters
were applied with the aim of removing small particle amounts of re-
sidual cells and cell fragments. As a second filter stage a sterile filter with
a 5.6 times smaller filter area was used in all setups to ensure the
removal of all particles and contaminants > 0.2 pm.
Fig. 8 shows that both tested 1.2 pm membrane filters achieved the
lowest filter capacities and the lowest turbidity reductions to approxi-
mately 20 NTU. All four tested depth filter setups achieved filtrate tur-
bidities below 5 NTU, indicating significant particle reduction and
efficient clarification by depth filtration. The setup comprising of a DL60
depth filter followed by sterile filter showed the highest filter capacity of
225 L/m? The high filter capacity of the DL60 can be explained by the
average retention rates of 8 pm for the first and 0.8 pm for the second
filter layer, which are apparently highly efficient for the retention of
small cells and cell fragments from the FBC harvest pool (Fig. 6).

Therefore, the combination of DL60 depth filter with sterile filter was
selected for further evaluation using four different FBC harvests as
filtration feeds (Table 3). Average depth filter capacities of 157 = 45 L/m?
were achieved with this setup. Significant variations in filter capacity
were probably caused by differences in the initial HCD broths where slight
batch to batch deviations in viability and WCW resulted in turbidity
variations of 121-158 NTU in the FBC harvest. However, low final tur-
bidities < 5 NTU of the sterile filtrates showed that the selected setup is
suitable for post-centrifugal filtration. High mAb recoveries of > 96 %

Table 3
Filtration results of different fluidized bed centrifuge (FBC) harvests using a
filter setup consisting of a DL60 depth filter followed by sterile filter stage.

Filtration FBC Harvest Filtrate Filter mAb Recovery

Trial Turbidity Turbidity Capacity [L/  of Filtratien Step
INTU] [NTU] m?) [%]

1 121 1.89 223 o8

2 132 2.44 142 97

3 151 3.09 130 9%

4 158 2.27 131 98

were determined in all filtration trials. Therefore, total mAb recoveries of
> 90 % for the combination of FBC with subsequent filtration were ach-
ieved, suggesting a robust and suitable clarification approach for HCD
broths.

4. Conclusion

In this study, a SU based clarification approach for intensified mAb
production processes with 100 million cells/mL using a FBC was
developed with particular focus on the product recovery. The HCD
clarification process was characterized and a robust removal of biomass
from HCD cultures was demonstrated. Based on the results, a maximum
chamber loading capacity of 10 x 10 cells/Ch was determined and the
FBC parameters of flow rates for the loading and washing step of the
clarification cycle were optimized. Washing the separated cells inside
the centrifuge chamber was identified as an advantageous process step
of FBC clarification in order to flush out entrapped supernatant with
residual produet from the fluidized bed. Therefore, dump and washing
volumes were adapted to decrease dilution of harvest and increase mAb
recovery.

The validation of the determined FBC parameters in experiments on
a 2 L scale showed an almost complete removal of biomass from HCD
suspensions and high mAb recoveries of 95 + 2 %. Furthermore, it was
shown that the mild process conditions of the optimized process pa-
rameters maintain a great viability of cells, resulting in hardly any
release of HCP impurities and thus in a high quality of the harvest.

Additionally, a filter screening study for a post-centrifugal clarifi-
cation was performed. A filter combination consisting of a depth filter
followed by a sterilizing grade filter with a high filter capacity of 157 +
45 L/m* was selected. The combination of the two successive clarifica-
tion steps, fluidized bed centrifugation and post-centrifugal filtration,
was capable of reducing the turbidity of HCD broths from almost 8000
NTU to < 5 NTU in the sterile filtrate, achieving a total mAb recovery of
> 90 %. This excellent HCD clarification performance has not been
described with any other SU process so far.

In summary, the developed HCD clarification approach presented in
this article is able to efficiently remove cell concentrations of 100
million cells/mL with a high recovery of mAb, offering high potential to
be used as a platform approach for a broad range of intensified bio-
pharmaceutical manufacturing processes.
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4.2 Validation and Modeling of Clarification for Various Cell Suspensions

As demonstrated in the previous section, fluidized bed centrifugation enables the clarification of HCD
broth with 100 million cells/mL. However, to use the FBC setup as a platform approach for cell
clarification, its robustness and adaptability for a wide variety of USP modalities must be ensured.
Indications for robustness of the clarification UO are the overall mAb recovery as well as the harvest
turbidity. Furthermore, important parameters to predict process performance are the average cell
broth throughput and the harvest dilution rate. These parameters enable the calculation of process
time and wash buffer consumption and thus enable adaption of the UO to different process volumes.

Furthermore, these parameters are also an indication of the process efficiency.

In order to investigate the impact of different cell broth characteristics, suspensions with cell
concentrations ranging from 20 x 10° cells/mL to 110 x 10° cells/mL and viabilities variating from 60 %
to 97 % were clarified. The optimized FBC parameters of the previous study were used as a basis and
adapted to the cell concentration. It was found that the maximum FBC loading capacity of
approximately 10'° CHO cells per 100 mL chamber volume is independent of the cell concentration in
the feed. Therefore, the maximum cell broth volume loaded into a FBC chamber mainly depends on
cell concentration, indicated by lower load volumes with increasing cell concentrations. Consequently,
higher cell concentrations increase the number of FBC cycles to clarify a specific volume and thus also
increase the process time and buffer consumption. This effect on the clarification process was modeled
using the adapted process parameters for calculation. It was shown that the experimental results
correspond to the calculated throughput and dilution rates for all tested cell concentrations. The
model is therefore suitable to predict process times and buffer consumption for various process

scenarios.

After completing the clarification UO by the subsequent filtration step, overall high mAb recoveries of
approximately 95 % were achieved. Furthermore, the initial cell broth turbidities, which ranged from
2,300 NTU to 8,000 NTU, were reduced to below 13 NTU in all sterile harvest pools, also confirming

consistent clarification results.

Overall, this study was the first to successfully demonstrate the capability of a clarification approach
over a wide range of cell concentrations. Despite a lower throughput and higher buffer consumption
at higher cell concentrations, the FBC approach is particularly suitable for high cell densities
clarification due to the consistently high recovery rates, which have not been reported from any other
approach to date. As shown in the industrial review where the results were published, process
intensification in biomanufacturing requires multiple efforts and holistic approaches. In this context,
the developed robust clarification UO promises to be an efficient platform approach suitable for

connecting intensified upstream processes with intensified downstream processes.
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ARTICLE INFO ABSTRACT
Keywords: Process intensification strives for more efficient conversion of raw materials into products while minimizing
Biopharma resource usage. In the biopharma industry, typical intensification gains include increased plant capacities,

Process intensification

: reduced raw material costs, smaller facilities and improved sustainability.
Continuous processes

Pedfisn Rapid growth combined with increasingly diverse and challenging molecule formats in the biopharma sector

Sealbdown medets necessitate strategies for fast development of highly productive and cost-efficient processes. Using monoclonal

Optimization antibody production in CHO cells as example, we present intensification techniques and process sequences that
deliver synergistic benefits like increasing space-time yields up to 10-fold, shortening production runs by 30%, or
saving numerous days in cell expansion. Combining highly productive perfusion with continuous downstream
purification promises improved yields and production economics, especially for advanced, often labile
molecules.

Predictive scale-down models demonstrated here for selecting intensification-ready cell lines and for rapid
setup of intensified processes are essential to realize such benefits broadly in the industry. They enable testing
and quick tailoring of intensification alternatives like high-inoculation fed-batch or perfusion to suit molecule
needs, facility space, and financial conditions. Since many techniques also readily extend to other protein bio-
therapeutics, intensification can be regarded as key pillar enabling fast, cost-efficient development and pro-
duction of biopharma products in the coming years.

market demands are more unpredictable than before, in part due to
increased competition of pipelines with multiple molecules for the same
indication as for biosimilars [2,5]. This has resulted in the establishment
of flexible, multi-product manufacturing facilities with Single Use (SU)
technologies for easy, low risk product change-over. Finally, besides the
traditional monoclonal antibodies, there is a growing percentage of
more complicated protein modalities, such as Bi-specifics or Fe-fusion
proteins, which may not, or not efficiently, be produced using tradi-
tional fed-batch (FB) technology. The latter has led to the renewed in-
terest in perfusion technologies [5].

Interestingly, perfusion technology also allows to intensify
mammalian cell culture profoundly [6,7] and can be used to shorten
process times in the main bioreactor for more flexibility in the plant,
and/or increase the bioreactor titer for higher facility output, and/or

1. Introduction

Process intensification is a key market trend in biomanufacturing
and a logical next step in the evolution towards increased process effi-
ciency and lower cost of goods (COGs). Recent market reports show that
cost pressures on the biopharma industry are mounting [1,2] because
average peak sales of biologicals have halved, while development costs
have increased by 30% since 2010 [3]. This has led to the establishment
of manufacturing platform technologies that allow for fast product
development with reduced efforts and enable manufacturing at low cost
of goods [4]. Furthermore, the number of low volume products is
increasing, due to the advent of more potent molecules and smaller
target patient groups [3]. Interestingly, at the same time the ultimate
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Notation & Abbreviations FB fed-batch
FBC fluidized bed centrifuge
ATF alternating tangential flow filtration HCP host cell protein
BPOG biophorum operations group HIFB high-inoculation fed-batch
CCF cell culture fluid IVCC integral of viable cell concentration
CHO chinese hamster ovary cells McCC multi column chromatography
CIP cleaning in place N-1 Perfusion perfusion process for cell expansion at the last seed

CSPR cell-specific perfusion rate
COGs cost of goods

train step(N-1) before the main production bioreactor
(stage N)

ChVar  charge variants of a biomolecule PR perfusion rate

cv column volumes SEC size exclusion chromatography
DO dissolved oxygen tension STY space-time yield

DoE design of experiments suU single use

DNA desoxyribonucleic acid USP upstream process

DSP downstream process TEE total cell concentrations

EMA European medicines agency vCC viable cell concentration

FDA U.S. Food and drug administration VVD vessel volume changes per day

HCD high cell density
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Fig. 1. Overview of a representative bioproduction process workflow featuring different elements of process intensification.

reduce the equipment and facility footprint. More interestingly process
intensification can also lead to lower COGs [8,9].

Different from the past, process intensification is nowadays seen as
standard tool in establishing biotherapeutic cell culture processes right
from the start, also for advanced therapeutic application areas ranging
from viral vector applications to DNA vaccines or exosomes [10-12],
Despite the wide range of applications, these processes generally share
similar intensification approaches for different unit operations, e.g., cell
retention methods for generating and maintaining high cell numbers or
for enabling continuous downstream processing and several excellent
articles and reviews on the topic exist [13 18]. For this reason, the
present article will focus on showcasing concrete implementation ex-
amples and development tools using intensified processes for mono- subsequent downstream processing. Ideally, this happens also in a
clonal antibody production, but many of the applications discussed can continuous fashion to further reduce COG in GMP biomanufacturing
also be applied to other molecule types with appropriate modifications. [24].

Major recent upstream process intensification successes under- In view of this industry trend towards process intensification, the
scoring this upstream process intensification trend have been published BioPhorum Operations Group (BPOG) has published a joint process
by, amongst others DSM Biologics using XD® Technology, a concen- technology roadmap describing common biomanufacturer needs for
trated FB approach, where very high cell densities (> 200-10° different biotherapeutic application areas with the purpose to share
cellsmL™") were obtained while still retaining high cell viability at the them openly with supply partners, academics, regulators and govern-
end of the batch, resulting in monoclonal antibody titers of 27 g-L! [19]. ment agencies so that directions can be aligned and collaboration

Another example featuring N-1 perfusion and high inoculation FB enabled [20-22,25-27].

(HIFB) was published by Biogen Idec researchers, who used the high cell Key elements of the roadmap are process intensification (Fig. 1),
density seed culture (40-10° cellssmL ') to inoculate the production including the establishment of high-performing (perfusion enabled) cell
bioreactor at a much higher concentration (10-10° cells-mL ). They lines, high-density cell banks in e.g. cryobags to reduce seed train length
showed that with two CHO cell lines 5 g-L’1 product titers were and allow fully closed operation, seed train intensification, and different

achieved in 12 rather than 17 days at good product quality [20]. A group
at Merck was even able to reduce the culture duration to 8 days [21].
More recently (2019) WuXi announced that their WuXi-Up tech-
nology achieved a breakthrough in cell culture productivity for an Fe-
fusion protein, achieving productivity equating to 51 g-L'l over a 20-
day perfusion process [22]
Latest reports from Bristol-Myers Squibb show that with HIFB, not
only a reduction of the process duration whilst reaching similar titers
can be achieved, but that it is also feasible to keep process duration equal
while doubling titers [23]. The changes in the subsequent harvest, i. e.
higher titer, potentially more biomass and increased host cell impurities
that come along with these achievements have then to be handled by the
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intensification strategies for the main bioreactors, such as: N-1 perfusion
followed by HIFB, concentrated FB, dynamic Perfusion or N-stage
perfusion. Depending on the N-stage operational mode, the product may
need to be harvested from the high cell density bioreactor, requiring
high cell density compatible clarification technologies such as Ksep®
centrifugation or the product is harvested continuously through the
retention filter and needs to be continuously captured by e.g. multi
column chromatography such as BioSMB. Such fully integrated contin-
uous solutions have garnered increased interest in recent years in bio-
pharma with the aim to reduce capital expenditures, operational cost,
and enhance process portability — akin to the drivers for continuous
manufacturing in other industries [27-30].

In this paper, we have evaluated the different process intensification
approaches as outlined in the BPOG process technologies roadmap [31]
in the context of research examples, with commercially available
products and technologies, to assess the potential and remaining chal-
lenges of these approaches and the feasibility of performing them using
the available technologies. In addition, we have assessed the importance
of scale-down models for realizing synergistic intensification benefits by
enabling reliable selection of production clones suitable for intensifi-
cation, rapid setup of intensified process variants, and media optimi-
zation already at early development stages.

2. Material and methods
2.1. Upstream: cell culture and bioreactors

Except where indicated otherwise, Sartorius 4Cell XtraCHO SAM was
used as seed medium (XtraCHO SAM) for cell passaging and Sartorius
4Cell XtraCHO and for FB and HIFB cultivations. Sartorius 4Cell Xtra-
CHO production medium (PM) was used as basal medium of N-stage
cultivations along with the corresponding feed media A (FMA) and B
(FMB). For perfusion cultivations, a proprietary media formulation was
employed.

2.1.1. Clone selection in Ambr® 15

For the present study, seven different Cellea CHO DG44 production
clones were assayed, five of which expressed [gG1-type molecules and
one each expressed an IgG2 and a Fe-fusion protein, respectively.
Ambr® 15 vessels (Sartorius, Germany) were inoculated with a density
of 2.5-10° cells-mL . Density was calculated for a working volume of
10 mL. pH set-point was set to 7.0 with an upper limit of 7.15. Dissolved
oxygen tension (DO) was set to 60% and temperature to 36.8 °C. For DO
and pH control, CO, and O3 were applied to the system and a basic flow
of 0.15 mL-min~ ! air was maintained throughout the whole process.
Furthermore, a downward stirring speed of 1200 rpm was applied.

In a daily procedure, viable cell concentration (VCC) counts via a
coupled Vi-Cell XR (Beckman Coulter, USA) as well as pH measurements
with the internal analysis module were performed automatically by the
Ambr® 15 system. Subsequently, the following semi-perfusion approach
was conducted on each vessel: after stopping stirring, temperature
control and gas flow, vessels were removed from the Ambr®@ 15 culture
stations and centrifuged using dedicated centrifuge inserts (500 x g, 5
min). Supernatant was discarded and the pellet re-suspended with 10
mL fresh perfusion medium. To save the cells from further stress, stirring
speed was ramped up step-wise from 700 rpm to 1200 rpm. After
ramping, antifoam was added to each vessel. Glucose and lactate mea-
surements were done off-line with an EKF BIOSEN S-Line device (EKF-
Diagnostic GmbH, Germany) according to manufacturer’s protocol.
Additional glucose feeding was performed manually if required.

As the cultures reached their bleeding VCC of 20-10° cellsmL !, a
caleulated amount of cell suspension was removed prior centrifugation
automatically by the liquid handler of the Ambr® 15 system.

2.1.2. Seed train with N-1 perfusion
For N-1 perfusion seed cultures and following standard or high
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inoculation fed-batch cultures, a Cellca CHO DG44 cell line expressing
an IgG1 molecule was used. After cryo vial thaw from a cell bank, cells
were passaged and incubated (36.8 °C, 7.5% pCO», 85% humidity, 120
rpm, 50 mm diameter) four times every 3 to 4 days in 4Cell XtraCHO
SAM media at 0.2.10° cellsmL ! in non-baffled shake flasks prior
inoculation and onset of N-1 perfusion. The first two passages after
thawing contained 15 nM methotrexate hydrate (Sigma, USA).

Perfusion cultivations were performed using 2 to 50 L perfusion
bioreactor bags (Flexsafe®, Sartorius, Germany) at their respective
maximum working volume (1 to 25 L) with a 2-dimensional rocking
motion bioreactor (BIOSTAT® RM 20|50, Sartorius, Germany). The
bioreactors were inoculated at 0.2-10° cells-mL~" in 4Cell XtraCHO SAM
medium in batch mode (36.8 °C, 7.1 pH, 60% DO, rocking rate of 30 rpm
with 10° angle). The pH-level was controlled by CO; gassing. When a
VCC of 2.5:10° cells-mL ! was reached, perfusion was started with a
perfusion rate of one vessel volume exchange of medium per day (VVD).
Simultaneously, pH was shifted to 6.95, and control was extended by
addition of 1 M NayCOj3. Perfusion rate was either adjusted daily based
on expected cell growth for the following day (step-wise increase) or
continuously adjusted based on in-line biomass measurement (BioPAT®
ViaMass, Sartorius, Germany) to maintain a constant cell-specific
petfusion rate (CSPR). Offline samples were taken manually from all
cultivations. Cell growth (VCC, viability, and average diameter) was
measured with a CedexHiRes Cell Counter (Roche, Switzerland). The
pH, DO, glucose, and lactate levels were measured using a blood gas
analyzer (ABL800 Basic, Radiometer, Denmark).

2.1.3. Intensified N-stage cultivations

2.1.3.1. Media optimization in Ambr® 15. For media optimization in a
Ambr® 15 perfusion mimic process (cf. section 0), a CHO-S cell line
expressing an IgG1 molecule was used. As for clone evaluation, Ambr®
15 vessels were inoculated with a density of 2.5-10° cells-mL ", pH set
point was either 7.10 or 6.95 (depending on DoE setting) with an upper
level of 7.20 or 7.15, respectively. DO was set to 50% and cultivation
temperature to 37.0 *C. For DO and pH control, COz and Oz were applied
to the system and a basic flow of 0.15 mL-min ! air was maintained
throughout the whole process. One day before the cells reached their
bleeding phase, the temperature was shifted to 34.0 “C. From this day
on, the cells were bled each day to 40-10° cells-mL™" after cell count
reading. Stirring speed was adjusted to 1200 rpm in a down-stirring
manner with the possibility to increase to 1500 rpm. The culture was
maintained at a perfusion rate of 1 VVD and daily procedure was per-
formed as described in section 2.1.1. Media composition of a pro-
prietary, chemically-defined perfusion medium was varied by preparing
different media mixes with modified content of selected amino acids and
metal ions that were filled into the respective reactors. Per media
setting, duplicate runs were performed.

2.1.3.2. STR200 FB. Two FB cultivations were performed in Biostat
STR® 200 L bioreactors (Sartorius, Germany) to evaluate the effect of
intensified seed trains on N-stage performance. Both processes were run
identical according to earlier publications [32,33] with temperature
control at 36.8 °C, pH of 7.1, DO 60% and feed start at day 3. The cul-
tures were inoculated at 0.3-10° cells-mL ! either from a standard batch
or N-1 perfusion seed culture (see 2.1.2).

2.1.3.3. Ambr®250 HIFB. Based on N-1 perfusion, two HIFBs (2.5 and
5.10° cells-mL 1) and one standard FB as reference were conducted in
single-use multi-parallel 250 mlL bioreactors (Ambr& 250 High
Throughput, Sartorius). For all approaches, identical process parameters
were used and the same volumetric feeding strategy was applied starting
at day 3 for the standard FB [34], but earlier for the HIFBs. The bio-
reactors were automatically sampled and analyzed for VCC, viability
and metabolites with an integrated BioProfilew FLEX2 (Nova
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Biomedical).

2.1.3.4. Univessel 2 L N-stage perfusion. 2 L Univessel® Glass bio-
reactors (Sartorius, Germany) were inoculated at 0.2:10° cells-mL™’
from standard batch seed cultures. Processes were controlled at 36.8 °C,
pH 7.1 and DO 60%. After a three-day batch phase, pH was shifted to
6.95 and perfusion was started at 1 VVD using an ATF2 device (Repli-
gen, USA) for cell retention. The perfusion rate was increased as
required to maintain a CSPR of 50 pL-cel]’l-day’l. The process control
strategy is demonstrated in Fig. 10. In summary, perfusion rate was
controlled using a gravimetric harvest controller in combination with
fresh media addition to maintain a constant working volume of 2 L. After
an initial growth phase to evaluate the systems suitability to support
HCD cell cultures, automatic cell bleed to maintain the target VCC was
started. This was achieved using a PID controller in BioPAT® MFCS
(Sartorius, Germany) to control the bleed pump speed based on in-line
biomass measurement (BioPAT® ViaMass, Sartorius, Germany).

2.2. Downstream

2.2.1. Cell clarification

For primary clarification of cell culture fluids (CCF) from intensified
processes, a fluidized bed centrifuge (FBC) approach using a Ksep® 400
System (Sartorius, Germany) was investigated. The FBC was operated in
a cyclic mode consisting of the steps of loading CCF in the rotating
chambers, washing the IgG out of the fluidized bed, and discharging the
biomass [35]. These cycle steps were repeated until 3 to 7 liters CCF
were clarified for each experiment.

As a second clarification step, a depth filter (Sartoclear® DL60
Midscale Cassette, Sartorius, Germany) followed by a sterile filter
(Sartopore® 2 XLG MidiCap, Sartorius, Germany) was used.

To examine the robustness of the clarification setup, CCF with
different total cell concentrations (TCC) in a range of 20-10° cells:mL !
(2300 NTU) upto 11 0-10° cells-mL, ! (8000 NTU) were used. Viabilities
varied from 60% to 97% and IgG titers ranged from 1.6 g.L. ~ ' up to 21.6
gl =
For the different CCF, FBC process parameters optimized for CHO
cell removal were applied as described by Saballus et al. [35], with
exception of a reduced CCF loading flow rate of 400 mL-min ! to
improve removal of cell debris from the low viable CCF.

The subsequent filtration was performed according to the man-
ufacturers instructions until a pressure limit of 1.3 bar was reached or
the complete volume was processed. Thereafter, the filter setup was
post-flushed (20 L-m ~ %) to achieve high recoveries.

2.2.2. Continuous capture by multi column chromatography

The IgG from the permeate stream of the perfusion bioreactor was
continuously captured by multi column chromatography (MCC). Either
a BioSC Lab (Novasep, France) or a BioSMB PD (Sartorius, Germany)
chromatography system was used as indicated with 5 mL MabSelect
SuRe™ pre-packed HiTrap columns (2.5 cm column height, 1.6 cm
column diameter, Cytiva, USA). The basic recipe was: 5 column volumes
(CV) equilibration, loading (perfusion permeate), 8.5 CV wash, 0.35 CV
elution (waste), 4 CV elution (product), 5 CV elution (waste), 3 CV
equilibration, 5 CV cleaning in place (CIP). Buffer chemicals for equili-
bration and wash (1xPBS), elution (50 mM Cs;H3NaO,, pH 3.0) as well as
CIP (0.1 M NaOH) were purchased from Carl Roth (Germany). The flow
rate, except for the loading step, was kept constant at 2.5 mL/min. The
load volume as well as the number and interconnection of the columns
were chosen based on previously performed breakthrough curves at
different velocities [36]. The final continuous capture recipe and pro-
ductivity predictions were generated with the Predict software (Nova-
sep, France) for the BioSC Lab [37] and according to Bisschops et al. [36,
38] for the BioSMB PD. The chromatographic yield values represent the
ratio of IgG mass in the product fraction relative to the total mass of IgG
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recovered in all outlet fractions.

2.3. Analytics

2.3.1. Product quantification and quality attributes

1gG concentrations in samples were quantified by size exclusion
chromatography as described by Saballus et al. [35]. For the comparison
of the productivity of different process strategies, the space-time yield
(STY) according to Bausch et al. [39] was used, except in cases of
non-negligible titer carryover from the seed culture or previous process
step. Here, a slightly modified equation set was employed to calculate
STY values for fed batch-type cultivations according to

 Creiiginar Vie (linat) — €60 Vielto)

STY,
ik (fmmt == 'o)'VR

1)

where tfingt (d) and creG fina (8'L 1) are the time of harvest and the
product concentration at harvest, ¢y and cygo the corresponding values
at process start, respectively. Vx denotes the arithmetic mean of the
working volume during the fed batch process.

STY for perfusion processes was determined as time-weighted
average of volumetric productivity values in the culture

EL\QJ'(Ff — I \)'(h = \)
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e (tsinat — 10)

2)

where Qp(t — t;_1) denotes the instantaneous volumetric productivity
in the time interval between t; ; and t; (defined as in Fq. (3) and Eq. (4)
below) and n is the number of time intervals for which productivities are
calculated.

For downstream applications, product recoveries were calculated by
dividing the IgG mass of the filtrate pool by the IgG mass of the super-
natant in the CCF prior to the clarification process [35].

In clone selection and media optimization experiments, product
concentration was determined using the Octet QKe device (Sartorius
FortéBio, USA) according to manufacturer’s protocol.

In order to assess product quality attributes of the protein of interest,
harvested cultures were first purified using Protein A purification plates
(PreDictor MabSelect SuRe®, Cytiva, USA) or Protein A HP SpinTrap
columns (Cytiva, USA). For glycan analysis and assessment of charge
variants, these samples had to be desalted with membranes having a
molecular weight cut-off of 50 kDa to prevent interferences during
analysis. Both assessments were done using LabChipGXII Touch24 de-
vice (Perkin Elmer Inc., USA) and according to the respective manu-
facturer’s protocols,

Purified (but not desalted) samples were used for detection of ag-
gregates and monomers of the protein of interest. The analysis was
carried out using an AKTAmicro HPLC (Cytiva, USA) and respective
Yarra 3 u column (Phenomenex, USA).

2.3.2. Process related impurities

DNA concentration was measured by the Quant-iT™ PicoGreen™
dsDNA Assay Kit (ThermoFisher Scientific, USA) with salmon sperm
dsDNA as standard (Biomol, Germany). Samples were diluted in TE
buffer (10 mM TRIS, 1 mM EDTA, 0.1% SDS; all chemicals purchased
from Karl Roth, Germany) if necessary.

Host cell protein (HCP) concentration was measured by the CHO
HCP-ELISA (F550, Cygnus Technologies, Southport, USA) according to
the manufacturer’s instructions. Samples were diluted in ELISA buffer
(20 mM TRIS, 50 mM NacCl; all chemicals purchased from Karl Roth,
Germany) if necessary.

DNA and HCP analytics were performed as analytical duplicates and
measurements were performed with an Infinite® 200 PRO plate reader
(Tecan, Switzerland).

For turbidity measurement, a nephelometer (TL2350, Hach, Ger-
many) was used.
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2.4. Theory/calculation

2.4.1. Product titer correction for carry-over

For calculation of volumetric productivity Qp in semi-perfusion sys-
tems between two consecutive time points t;; and ¢; of media exchange,
product titer values were corrected for product carryover due to residual
product content in the cell pellet after centrifuging the reactions vessels.
Daily productivity was then obtained by multiplying by the number of
media exchanges per day VVD (based on feeding rates) resulting in:

VVD-(m”(r'} = mp(r )

Oplistig) = Vi

3)

with
mp(t;) = Viecp(t) 4)

as the product mass in the (constant) reaction volume Vg at product
concentration c, in the reaction vessel. The residual product mass in the
cell pellet after centrifugation can be described by

e () (5)

€ St ol

mp(t, ) =V,

Ni-iz

Where Vppare denotes the pellet pore volume and ¢,_, the time point
after removing spent media and before adding fresh media to the reac-
tion vessel. The pore volume in the cell pellet was inferred using
experimentally determined values for cell pellet porosity epee and an
empirical linear correlation relating cell pellet volume to the viable cell
concentration VCC.

Vo, pore = Ep(,;y,rVR-mVCC(I,: \) (6)

The parameter « of this relation had been determined for multiple
CHO DG44 clones in the scale-down model under the given process and
media conditions using data for cell count, media density, and mea-
surements of cell wet weight and cell dry weight, respectively. For the
CHO cell lines used we determined an average epejiy = 0.61 mL pore
volume/mL pellet volume and « = 0.00666 mL pellet volume per mL
culture volume and per viable cell concentration of 10° cellsmL . To
this end, we determined the pellet dry mass contained in a cell broth
sample of defined volume and viable cell concentration. Two samples of
2 mL of the same cell broth were collected and dispensed into 2 mL pre-
weighed Eppendorf cups. The first sample was first centrifuged at 500 g
for 5 min, washed once with PBS, and centrifuged again. Subsequently,
the supernatant was removed and the pellet wet weight determined by
weighing and subtracting the weight of the empty cup. The second broth
sample was filtered using a syringe with 0.2 um PES filters membranes in
metal holders. Filter membranes were weighed prior to and after
filtration following drying at 80 °C for 24 h. A separate filter membrane
flushed with 2 mL PBS and dried as above served as blank. Cell dry
weight was then determined by subtracting the weight difference (after
drying — before drying) for the blank filter from the weight difference of
the filter containing the broth filter cake. Entering the resulting values
into the above equations enabled performing a correction for product
carry-over effects without having to perform more than one product titer
measurement per media exchange cycle.

2.4.2. Product quality tuning approach in perfusion

For the experiments described in section 3.4, a reduced combinato-
rial design consisting of 43 runs plus 3 replicate runs (46 in total) was
designed, carried out in an Ambr® 15-48 and evaluated using the
MODDE® (v12) design of experiments (DoE) software. The design
comprised 5 factors including media mix type (4 mixes) as qualitative
factor and multilevel concentration settings for three different supple-
ments and pH, respectively. Responses tracked covered variables char-
acterizing cell growth (e.g., IVCC, viability), culture stability (process
duration, number of bleeding days), glucose and lactate levels, cellular
productivity (e.g., volumetric productivity) and product quality

<)
Jowi
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attributes like main glycan groups (mannosylation, galactosylation,
fucosylation), percentage of aggregates, and charge variants (basic,
acidic, main), respectively.

For an integral optimization of product quality while simultaneously
optimizing the perfusion process the following approach was employed:
average volumetric productivity in the bleeding phase was used as in-
tegral measure of growth, culture longevity and cellular productivity.
For characterizing the total absolute deviation of the biosimilar product
quality from that of the originator the following type of formula was
applied, here illustrated for charge variants (ChVar):

AChVar,, = |A%Acidic| + |A%Basic| + |A%Main| 7

Similar expressions were derived for glycan patterns or aggregate
content. For the simultaneous overall optimization of factors charac-
terizing cell performance and product quality, a weighted objective
function value was assigned to each experimental run j of the DoE as
follows:

P facuors - - n
_ z’ Wi (1) Factor! — Factor™
£ Factor™ — Factor™

(8)

Here, Npqeors denotes the total number of response factors considered
in the optimization and w; represents the weighting factor assigned to a
given response factor. The exponent k; was set to 0 in case a maximi-
zation was desired and to 1 for minimization, respectively. Factor{"""'*
denote the minimum or maximum value of a factor across the whole DoE
data set, respectively, whereas Factor, stands for the factor value in a
particular experimental run j. This approach ensured a normalization of
the different factors to the range [0,1] to enable a fair comparison of
factors with qualitatively different content. Weightings w; of the indi-
vidual objective function contributions could be adapted to the problem
at hand as required.

2.4.3. Modeling of FBC clarification

To determine the effect of the TCC on primary clarification, the FBC
process was modeled. The maximum CCF volume (V¢¢p) that can be
clarified in one FBC cycle depends on the maximum FBC chamber ca-
pacity (Crpc), number of chambers used (n) and the TCC of the feed, as
shown in Eq. (9). Based on previous studies, a Cgpe of 10-107 cells was
assumed for the CCF with the applied FBC chambers [35,40].

Crpe - 1

TCC 9

Vecr =

The time for a FBC clarification cycle (trBC.cycte) 1S the total time for all
cycle steps, that can be described as a function of the volumes of Vecp,
washing (Viyesn) and discharging (Vg.) divided by their corresponding
flow rates for clarification (Vggp), washing (Vus), and discharging
(Vye), according to Eq. (10) and controlled by the FBC system (section
2:2.13,

Veer | Viash | Vae

10)

Veer  Vian Ve

LB _cvele =

The average CCF throughput (TPpgc) takes into account the CCF
volume (Vggr) and the time (tpg(;fyd,g] of a FBC clarification cycle, as
shown in Eq. 11.

i an

LeBe_xete

TPepc =

The harvest dilution rate (D) is defined as the ratio of the obtained
harvest volume considering Veaep Viygsn and an initial dump volume (Vjp)
to the clarified Vor, according to Fq. (12), Vip deseribes the void volume
without IgG set by the FBC process parameters to be directed into waste
at the beginning of each FBC cycle.

_Yeor+ Viasn— Vo

Veer

D 12)
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Fig. 2. Comparison of (a) volumetric productivity and (b) cell-specific productivity for different CHO DG44 production clones in the Ambr® 15 semi-perfusion (n =
3) relative to the value observed in a 5 L FB. Each of the clones expresses a different protein product: Clone D: Fe-fusion protein, Clone E 1gG2, others: different IgG1

mAbs. Cultivations were performed as outlined in section 2

2.1.1. Product carryover effects due to the semi-perfusion approach were corrected for when calculating

productivity values. The TOP 3 clones according to this ranking are indicated by the orange box in the table and the solid lines in the plot, respectively. (c) Multi-
parameter clone ranking of HIFB clones using the Ambr clone selection software and (d) comparison of ranking result with that according to standard FB titer.

Since CCF throughput and dilution rate represent the key variables of
the FBC performance, [iq. (9) to Fiq. (12) were used to calculate them asa
function of TCC.

3. Results and discussion

In the following paragraphs, we present an overview of different
applications of intensified process elements, which have been imple-
mented and evaluated in the context of feasibility studies for CHO cul-
tures in a research setting.

3.1. Selection of production clones for intensified processes

Among the many factors influencing process economics, cell culture
productivity typically has the largest overall impact [26]. Volumetric
cell culture productivity in gram product produced per liter reaction
volume can be maximized by ensuring high cell-specific productivity

and high viable cell numbers. In addition, robust re-growth and high cell
viability as well as low cell lysis are key to ensure good harvestability of
the cell culture fluid, long process duration and maintenance of low
profiles of process-related impurities like HCP and DNA [15,41]. Low
cell-specific media consumption as expressed by CSPR is a desirable
trait, too, as media demand constitutes a key cost factor, for example, in
perfusion processes [ 3]. This complex profile of competing requirements
illustrates that the choice of production clone for a given product will
have a large impact on achievable process economics at production
scale. This is why investing effort in proper cell line development pays
off and clone evaluation for an intensified process is best conducted in
scale-down systems mimicking the actual target system, e.g., a HIFB or
perfusion for intensified processes [15,42].

Different systems for these purposes have been suggested such as
deep-well plates [15], vented tube spin systems [43] or different
perfusion mimic options performed in Ambr® 15 microbioreactors with
full control of pH and dissolved oxygen levels ([44], this work). Fig. 2(a)
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Fig. 5. Glycosylation profile of 13G produced in different N-1 perfusion scales
and N-stage FB cultivations inoculated from standard batch or intensified
perfusion seed cultures.

and (b) illustrate the productivity assessment of CHO DG44 clones
expressing different mAb-type protein products (IgG1, 1gG2, Fe-fusion
protein) in an Ambr® 15 semi-perfusion setup, where media was
exchanged daily employing a centrifugation procedure (cf. section 2.1.1
for details). Each of the clones had been identified as top performer in a
corresponding FB evaluation of the respective cell line development
program. For all seven clones tested, marked increases in volumetric
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productivity even up to over 400% were registered when switching to
perfusion mode. In some cases, higher volumetric productivity was
solely achieved by increased cell numbers, whereas for other clones (e.g.
Clone D) also cell-specific productivity increased under these conditions.

New software tools enable weighted multi-parametric assessment of
clone performance beyond mere product titer and are, therefore, well
suited for objectively balancing performance tradeoffs in productivity,
cell growth, and byproduct formation, e.g., during clone screening in a
scale-down intensified process like a HIFB (Fig. 2(c)). Notably, the
assessment demonstrates that the resulting clone ranking can differ
significantly from that considering standard FB titers of the corre-
sponding clones (Fig. 2(d)). This highlights that different clones will be
preferred for the intensified process application. A similar approach has
been applied previously by Popp et al. [45] for clone selection in FB
processes. Such software tools support smooth integration of compre-
hensive data on cell physiology and process demands, which is routinely
generated during clone evaluation, into the scoring process. In this way,
they can support more reliable choices of production clones for a given
process scenario, which is a notoriocusly difficult challenge in cell line
development [46].

3.2. N-1 perfusion seed cultures using rocking motion bioreactors

Robust and reliable seed trains are essential for efficient bio-
manufacturing processes. Historically a sequence of stirred tank bio-
reactors in batch mode, increasing culture volumes and low seed ratios
of 1:2 to 1:10 [47] have been the industrial standard. By applying
perfusion technology to seed culture processes, much higher cell con-
centrations can be achieved which allows for the reduction of seed
culture steps, thus minimizing seed train equipment and effort. While
stirred tank bioreactors with external cell retention devices may be used,
perfusion-ready cultivation bags for 2D rocking motion (RM) bio-
reactors with an integrated perfusion membrane enable convenient
handling and scaling of perfusion seed cultures as shown in Fig. 3.
Cultivations were inoculated at default seed VCC of 0.2:10° cells-mL ™!
and perfusion was started after a three-day batch phase at about 2.5.10°
cells-mL L. High cell densities of 100-10° cells-mL ! could be achieved
after 6 days perfusion while maintaining high cell viabilities above 95%
with very consistent cell growth for all evaluated scales from 2L to 50L
cultivation bags. The systems suitability for high cell density processes
was further challenged in a 2 L perfusion, reaching 170-10° cells-mL !
on day 8. The process setpoints, e.g. DO and pH, could be well controlled
even at high cell densities as shown exemplary for the 50 L scale (see
Fig. A3).

Cell growth was successfully monitored using a bio-capacitance
probe, which showed linear correlation of online permittivity and
reference VCC even at high cell concentrations and independent of
cultivation scale. (see Fig. Al). Implementation of an automatic perfu-
sion rate control based on online VCC resulted in a constant CSPR, which
ensures sufficient nutrient supply while also reducing overall media
usage by 15% compared to manual PR adjustment (see Fig. A2 and
Fig. Ad).

To evaluate the effect of intensified seed trains on N-stage perfor-
mance, two STR200 FB cultivations were performed, either inoculated
from a standard batch seed or N-1 perfusion culture. In total 0.4 L of
intensified seed and 14 L of standard batch seed were used for inocu-
lation, demonstrating the power of N-1 perfusion processes to reduce
seed train scales. Both processes showed very similar performance,
reaching peak VCC of about 25.10° cellsmL ™" on day 7 and a cell
viability of > 70% on harvest day 12 (see Fig. 4). Final product titer for
the process inoculated from N-1 perfusion was slightly lower compared
to standard seed at 3.2 and 3.5 g-L.”", respectively, but within range of
historical processes (data not shown). The seed train intensification did
not affect product glycosylation as shown in Fig. 5, neither by carryover
from seed nor in production culture. These results demonstrate how N-1
perfusion seed cultures can be utilized to intensify established
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High Inoculation Fed Batch in Ambr 250%ht and 5 L scale of a second CHO DG44 clone expressing another IgG1: (b) viable cell concentration and (c) product titer.

production processes.

Similar findings were reported also for other mAb-producing CHO
cell lines where the impact of N-1 cultivation mode on N-stage cell
growth, titer and product quality were compared [23,48]. In addition to
the N-1 perfusion concept already discussed, also the use of enriched
batch or fed-batch processes in N-1 stage could be used to achieve high
seed cell concentrations. In combination with an increased inoculation
cell concentration in the N-stage fed-batch process, the final product
titer could be increased by up to 100% at 500 and 1000 L scale [23,24],
further demonstrating the potential of seed intensification.

3.3. Rapid prototyping of intensified processes in scale-down models

Intensified process formats like HIFB or perfusion often require
careful tuning of process parameters like inoculation cell density, tem-
perature shifts or adaptation of feeding profiles to maximize process
productivity while maintaining product quality. For this task, parallel
scale-down systems are needed that reliably mimic the larger-scale
process and enable rapid testing of different process variants in a short
time frame.

For example, different inoculation cell densities were tested in a
HIFB setup in an research setting to assess their impact on cell growth
performance (Fig. 6a)) and STY (Fig. 6b) and compared with a standard
FB. Clearly, the initial phase of the standard FB was skipped with higher
inoculation density. This phase is usually characterized by relatively
high biomass but low product increase. Thus, the initial phase of HIFBs
directly started with more net IgG production. Similar peak cell con-
centrations of about 20-10° cells-mL ' were reached in all approaches,
but earlier in time for the HIFBs. Both viabilities and the VCC declined
subsequently, so that the processes were terminated earlier in time, but
all with final viabilities of > 80%. All approaches yielded similar IgG

titers of about 3.2 g-L™" and while, from a biological aspect, the cell-
specific produetivity was not affected (~ 24 pgr(celld)'l), the STY
was significantly improved with increased inoculation density by up to
50% since the length of bioreactor ‘idle’ stages was reduced by 3.5 days
[49]. Such promising experiments can be the starting positions for
further process improvements, e.g. with media enrichments to account
for an enhanced nutrient demand of the increased initial number of cells
in the bioreactor [23] or by further increasing the cell-specific produc-
tivity [9].

Using such parallel scale-down models is attractive because in many
cases optimized process settings with significant productivity gains can
be achieved in a short timeframe of one or two iterations. This is espe-
cially relevant since early process development is on the critical path
when speeding a new drug to the clinic. Unless pre-established process
platforms are already in place, such development tools for fast process
setup and optimization can, thus, be key enablers of implementing
intensified processes already before the first clinical phase. Such appli-
cation, of course, necessitates that scale-down models are indeed reli-
able predictors of cultivation behavior at larger scales. Fig. 7
demonstrates that such scalability can indeed be achieved for a perfu-
sion type setup. Here, a first screen for promising process settings was
conducted in the semi-perfusion system as described in section 2.1.1
(Ambr® 15) before scaling up to the benchtop scale. Notably, the space-
time yield was comparable between the scale-down system and a rock-
ing motion type reactor with integrated cell retention membrane and
was increased about two-fold relative to the reference setup in a 5 L FB
process.

Fig. 7(b) and (c) illustrate intensification of a 5 L FB reference pro-
cess, which was implemented and optimized as HIFB variant in an Ambr
250® ht scale-down system. The graphs demonstrate that very compa-
rable growth and product titer profiles were achieved when transferring
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the target profile of the originator molecule.

the optimized process back to the 5 L scale. Again, a marked increase in
STY by about two-fold from 0.35 to 0.73 g-L’lrd’1 (calculated using Eq.
(1)) could be achieved resulting from a combination of titer increase
(+50%) and a shortening of the process from 14 down to 10 days,
respectively. In this way, process intensification can support saving
costly time in GMP facilities while at the same time increasing product
yield per batch performed. Similar findings have recently been reported
by Xu et al. [23], which have further demonstrated that such high in-
creases in performance can be successfully scaled to the 1000 L level.
They underlined the importance of establishing intensified processes as
platforms to curb process optimization times — in their case from 9 down
to 3 months including media rebalancing and lab-scale bioreactor runs.
Additional savings in time and effort can be generated if multiplexed
mini-bioreactor systems like the Ambr 250® ht can be used instead of
the 1 - 10 L bioreactors, which are typically considered predictive for
scale-up to commercial manufacturing [15]. In the present case, only a
single 2 week run in an Ambr® 250 ht system was performed to optimize
seeding density, feeding profile, and temperature downshift to achieve
the process shown in Fig. 7(b) and (c). In this way, early process
development can be markedly accelerated and further potential for
process improvement seems likely since media composition was not
even optimized.

3.4. Product quality tuning in perfusion processes

Continuous intensified process operation modes like perfusion are
not only interesting because of their potential to increase volumetric
productivity, but also because perfusion approaches have long been
used for biotherapeutics where a consistent product quality is key. For
example, perfusion has been applied to production of blood clotting

factors, labile molecules like enzymes or new complex modalities [15,
171

This property renders perfusion processes also interesting candidates
for biosimilar applications where matching the product quality profile of
the originator has high priority [50]. Typical product quality attributes
of interest include the N-glycosylation spectrum or the profile of charge
variants.

In the example outlined below, the goal was to optimize a perfusion
process for biosimilar production with the main aim to improve the
match of the product charge variant profile with the originator mole-
cule. To this end, the reference process was first transferred into an
Ambr® 15 perfusion mimic system. A statistical screening design was
implemented using the MODDE® software that combined different
media mixes, multilevel supplement additions as well as different pH
conditions. Altogether, 46 perfusion cultivations were performed in the
scale-down system over a period of 3 weeks and with a perfusion rate of
1 VVD (cf. sections 2.1.3 and 2.4.2 for details). Daily media exchange
and cell retention were performed using a centrifugation approach with
dedicated centrifuge inserts to hold the Ambr® 15 bioreactor vessels.
Key parameters tracked during the cultivation included viable cell
count, viability, and product titer as well as N-glycan and charge variant
profiles, Evaluation of the DoE setup demonstrated that different factors
and factor combinations affected volumetric productivity and product
galactosylation offset from the originator profile (Fig. 8).

Applying a multi-objective approach for balancing tradeoffs between
competing objectives (cf. section 2.4.2) enabled identification of several
process and media conditions that provided an improved match to the
product quality profile: charge variant differences to the originator were
reduced by 44% overall and summed N-glycan distribution differences
were lowered by 17% while at the same time a modest increase in

36



D. Miiller et al.
100
100

) 80
£ 80 -
2 £
8 60 % >
© =
w 40 8
g 40 <
= 20 20

0 — T
0 2 4 6 8 1012 14 16 18 20
Time [d]
—a&— ATF01- VCC ATFO2 - VCC
®--- ATFO1 - Via & ATFO2 - Via

Fig. 9. Cell growth and viability of perfusion cultivations in 2 L bioreactors.
After an initial growth phase up to 80-10% cells-mL ' to check the systems
performance at high cell densities, different target cell concentrations were
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process productivity (> 10%) was achieved. Further refined process
settings were then predicted in MODDE® using an optimization based
on the mathematical DoE model identified. Implementation of the
optimized conditions at larger scale subsequently confirmed that a
significantly improved product quality match with the originator was
successfully attained for the biosimilar with this approach (G. Zijlstra,
personal communication).

Similar results have also been described in the literature by Briihl-
mann and colleagues [51] and Weng et al. [52]. In this way, combining
highly parallel microbioreactor systems with advanced data analytics
and high throughput metheds for product quality analytics provide an
attractive approach to identify promising intensified process setups for
biosimilar production. Following a screening phase, these can then be
optimized further in mini-bioreactor systems like the Ambr® 250 ht,
which yield an even better representation of the target process, e.g.,
regarding vessel geometry or complexity of parameter control.

3.5. N-stage perfusion processes for continuous product harvesting

N-stage perfusion cultivations with continuous product removal are
especially useful for production of labile products such as factor-VIII, but
can also be advantageous for the production of stable proteins such as
monoclonal antibodies by increased manufacturing flexibility and
volumetric productivity. In this work, ATF perfusion cultivations in 2 L
stirred tank bioreactors at different target VCCs with an integrated 1gG
capture by multi-column-chromatography were performed. A schematic
representation of the integrated process and cultivation control strate-
gies is shown in Fig. 10. The perfusion permeate was collected in a small

Control loop 1: Perfusion Permeate
—+ Control loop 2: Perfusion Feed
* Control loop 3: Cell bleed

| Bleed pump control

—— BioPAT ViaMass —— ATE
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surge tank to account for slight variations between bioreactor and MCC
flow rates and was continuously loaded to the MCC. A steady permeate
flow was achieved by implementing a flow controller maintaining
constant weight of the surge tank. To achieve a stable operation,
continuous bleeding was implemented using an in-line single-frequency
bio-capacitance probe. The correlation of the single-frequency signal to
VCC can be challenging for FB processes with large cell diameter
changes, especially in the stationary growth and death phase [34]. In
contrast, N-stage perfusion processes aim to reach a steady-state-like
operation with constant cellular properties, whereby permittivity and
VCC show a linear correlation throughout the whole process. To main-
tain a constant CSPR, the PR was set based on target VCC and controlled
by a gravimetric harvest flow controller while taking the additional
bleed flow into account. Fresh media was added to maintain a constant
bioreactor working volume. The constant harvest flow rate through the
perfusion membrane can help preventing filter blocking and eases the
integration of following downstream operations while the
level-controlled feed addition eliminates the risk of overfilling the
bioreactor.

The VCC and cell viability of two perfusion cultivations are shown in
Fig. 9. After an initial batch phase in the same bioreactor, the cell
viability in the first cultivation ATFO1 dropped to 75% after starting the
perfusion due to insufficient preconditioning of the hollow fiber module.
This handling error was recognized and considered for the second
cultivation ATF02, where the initial viability drop could be prevented.
For cultivation ATFO1, cell viability recovered and the system’s suit-
ability to support HCD cultivations was evaluated during the growth
phase with up to 80-10° cells-mL™" on day 7. Afterwards, the VCC was
decreased and maintained at 40-10° cellsmL™! for 11 days. The
continuously controlled bleed resulted in a very consistent VCC. For the
last three days, target VCC was increased to 50-10° cells-mL~". A high
cell viability above 95% could be maintained throughout the two-week
steady-state-like operation. At 40-10° cells-mL ', a harvest rate of 2.5
VVD was applied which resulted in a stable product concentration of
0.51 = 0.04 gL ~ ' in the perfusion harvest. This translates to a volu-
metric productivity of 1.27 gL '.d ™. The average cell-specific pro-
ductivity during the 11 days steady-state operation was at 32 + 3
pg-L 1-d"! and therefore increased by one-third compared to the fed-
batch process of this cell line (see Fig. 6).

To increase the volumetric productivity, target VCC was further
increased to 80-10° cells:mL " in the second cultivation ATFOZ. Without
the viability drop at perfusion start, the initial cell growth was improved
and target VCC was reached on day 6, one day earlier as for ATFO1. Even
at these high cell concentrations, constant VCC could be maintained for
9 days by bleed control based on in-line permittivity measurement. To
ensure sufficient nutrient supply, a PR of 4 to 4.5 VVD was applied,
which resulted in a stable product concentration of 0.69 + 0.03 g-.L ' in

Permeate pump control

>

Permeate.

Balance

ry
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Fig. 10. Schematic representation of the integrated USP-DSP approach highlighting the USP perfusion control strategies and the connection to the subsequent DSP.
Perfusion permeate was collected in a small surge tank to account for slight deviations between the USP and DSP flow rate and continuously loaded to the MCC.
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Fig. 11. IgG titer of the continuous capture process with the BioSC Lab for 8
days. (A) Results for the 3-column process (VCC of 50-10° cells-mL™"). (B)
Results for the 5-column process (VCC of 80-10° cells-mL !). The IgG fiter is
given for the eluate, flow-through (FT), wash, waste and feed. Pooled fractions
of the different outlets were analyzed once a day except day 5 which consists of
the pooled fractions of days 3-5.
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Fig. 12. IgG titer as well as DNA and HCP concentration of the continuous
capture process with the BioSMB PD for 3 days. The elution fractions of the
individual columns were analyzed separately.

the perfusion harvest. Cell-specific productivity was slightly increased
compared to the first perfusion cultivation at 39 -+ 2 pg-L~*-d 1, which
could have resulted from tighter process understanding and control.
These results are in agreement with previously published data on semi-
perfusion processes using this cell line and media platform [53]. Volu-
metric productivity was at 2.77 gL '.d ™! and therefore more than
doubled compared to the perfusion cultivation at 40-10° cells-mL ! and
corresponds to a 10-fold increase relative to the original standard FB
setup (Fig. 6).

These results demonstrate the power of N-stage perfusion
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Fig. 13. Cell culture fluid (CCF) throughputs and harvest dilution rates for the
primary clarification of cell culture from intensified processes with different
total cell concentrations using a fluidized bed centrifuge system. The lines show
the calculated values according to Eq. (11) and Eq. (12), whereas the symbols
represent experimental results.
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Fig. 14. IgG recoveries and harvest turbidities after the clarification of cell
culture fluids with different total cell concentrations and different 1gG con-
centrations (1.6 g-L !to 21.6 gL 5 using a fluidized bed centrifuge with
subsequent depth and sterile filtration.

cultivations to increase volumetric productivity. To increase the amount
of IgG produced, the process can be scaled up to larger bioreactors, the
process duration can be increased or a higher target VCC can be applied.
With increased target VCC, the requirements on the cultivation system
with regards to oxygen supply and mixing as well as the risk for biomass
buildup and filter blocking increases. To reduce the costs associated with
high media demand in perfusion processes, the minimum required CSPR
should be identified by either push-to-low or push-to-high strategy (54,
55]. It was also shown that by decreasing the CSPR, cellular growth rates
can be decreased, resulting in lower bleed rates and thus lower amounts
of product lost [55.56]. Other approaches for decreased growth rate
while also increasing specific productivity can be the implementation of
a temperature shift [57] or supplementation of chemical additives such
as valeric acid [58].

3.6. MCC for continuous IgG capture

In order to maintain and expand the advantages of continuous
perfusion cultivations from the USP into the DSP, a continuous capture
of the IgG from the permeate stream was performed by a MCC approach.
The BioSC Lab chromatography system was directly connected to a small
surge tank where the perfusion permeate was collected (Fig. 10). In this
study, two perfusion processes with a constant VGC of 50-10° cells-mL ™"
(3.4 mL-min * perfusion rate) and 80-10° cells-mL ! (6.1 mL-min !
perfusion rate) were continuously processed by a 3- and 5-column MCC
setup respectively (Fig. 11).
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It was shown that the MCC is capable of successfully processing
different USP process scenarios with different VCC by making appro-
priate adjustments to the loading flow rate and volume as well as to the
number of columns. Both capture processes were operated for 8 days
without any interruption, demonstrating a successful and robust
continuous processing of the perfusion permeate with an IgG titer of
approximately 0.7 g-L~'. No IgG was observed in the flow-through
during the loading phase. Small variations of the feed titer during the
cultivation resulted in slight differences in the IgG concentration in the
eluate. For both processes, a start and end of production recipe was used
at the beginning and after the 8 days to ensure a sufficient start-up and
shutdown, resulting in reduced IgG concentrations in the eluate
(Fig. 11). A lower IgG concentration (approximately 3.5 g-L’l, Fig. 11B)
was obtained for the 5-column process, due to a lower feed titer than
expected and consequently less optimal resin utilization, compared to
the 3-column process (approximately 5 g-L ', Fig. 11A).

For the 3-column process, 33.1 g product were obtained with a high
yield of 97.2% throughout the entire process time. The specific pro-
ductivity of the process was 272.3 g1gG’T-Lm;n’1»d’l, which was in good
agreement with the estimated productivity of the prediction software
(291.7 81g6 “Lresin " ).

For the 5-column process an even higher IgG yield of 99.7% was
obtained and in total 33.9 g IgG were recovered in the eluate. A specific
productivity of 174.6 glgu']-L,esm'l-d'l was obtained due to the higher
column number at a fixed permeate flow rate. This value was again
similar to the predicted productivity (198.3 g U Lresin -d™ 1. For
both processes, the slight deviations are likely due to some uncertainties
of the feed titer estimation at the process setup.

In addition to the BioSC Lab, the BioSMB PD was utilized as MCC
system for a continuous, integrated 1gG capture. The same setup as
shown in Fig. 10 with the same VCC, perfusion rate and chromatography
process parameters like the 3-column BioSC Lab experiment was used,
resulting in a similar high yield of IgG (>> 97%) and specific productivity
(approximately 270 1,6~ ' Lyesin ' -d~'). However, a higher IgG titer of
approximately 7 g-L-' in the eluate was obtained (Fig. 12) due to opti-
mization of the loading step.

In addition, the IgG purity with regards to the removal of process
related impurities such as DNA and HCP, was evaluated. Both impurities
were significantly removed compared to the perfusion permeate
(Fig. 12). For all three process days a HCP removal greater than 2-log
values was observed resulting in a concentration in the eluate below 1
mg-L ! in all fractions (< 140 ppm). The low concentration of HCP,
which are seen as one of the most critical impurities [32], is a result of
the lower initial impurity load from the USP perfusion process,
compared to fed-batch cultivations, combined with the purification by
protein A affinity chromatography. In addition, the DNA concentration
was reduced to approximately 5 mg-L ™' corresponding to approximately
700 ppm throughout the continuous capture.

MCC offers several advantages for process intensification, like an
increased overall productivity due to parallel processing of the USP and
capture step as well as optimized resin utilization due to the sequential
interconnection of columns [59,60]. However, the specific productivity
in the presented work was limited due to the preceding USP, resulting in
a fixed permeate flow rate as well as the usage of prepacked columns
with a fixed resin volume. The application of smaller columns with only
1 cm bed height at the same diameter would increase the estimated
specific productivity for the 3-column MCC process by 30% to 378
8156 Lresin +d !

In this study, a feasible approach to directly connect a perfusion
bioreactor to the MCC with an easy to adopt control strategy (see section
3.5) was demonstrated for different VCC, perfusion rates and MCC sys-
tems. Further process optimization could be achieved by a dynamic
loading of the chromatography unit to ensure optimal resin utilization,
yield and robustness of the process. Such adaptive control strategies are
for instance implemented in the BioSMB software. For this, an external
sensor (such as UV, NIR or Raman) is used to determine product
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breakthrough, resulting in an appropriate column switch during the
MCC capture.

The high purity achieved by the MCC in combination with the
perfusion process could offer the possibility of eliminating the need for a
second polishing step, as it is often performed in platform DSP processes
for IgG manufacturing [61], for further process intensification.

3.7. FBC approach for cell clarification

As an alternative scenario to perfusion processes with continuous
product harvesting, other intensified processes, such as concentrated
fed-batch processes, are harvested after the cultivation phase, offering
the advantages of simplified process control and reduced media con-
sumption. However, such processes require the clarification of the CCF
from large amounts of biomass.

In contrast to other clarification technologies, FBC systems have been
shown to be suitable for biomass removal from CCF with 100-10°
cells-mL™", achieving particular high product recoveries [35]. There-
fore, the CCF throughput and the harvest dilution rate were modeled as
well as experimentally determined to investigate the effect of varying
cell concentrations on the clarification process.

With an increased TCC in the feed, the calculated CCF throughput
(Fq. (11)) decreased from 14.8 L-h™! at 20-1 0% cells-mL ' to 5.4 L-h ' at
110-10° cells-mL l, while the calculated harvest dilution rates (Eq. (12))
increased linearly from 1.3 to 2.8 (Fig. 13). A similar trend was
confirmed by the experimental results.

The dependence of the results on the TCC can be explained by the
fact that a higher TCC requires more FBC cycles to process a defined CCF
volume, since the FBC chambers have a fixed cell loading capacity. In
each cycle, the fluidized bed is washed with buffer, which on the one
hand increases harvest dilution and decreases CCF throughput (Fig. 13),
on the other hand leads to high recoveries of IgG independent of the TCC
(Fig. 14).

The dilution of harvest might be compensated by a higher
throughput in the further purification process steps, for example by
using MCC as described in section 3.6. In addition, for CCF with a high
viability and therefore less cell fragments, higher throughputs can be
achieved by increasing the applied CCF loading flow rate of 400
mL-min * up to 1200 mL-min ! [35].

All tested CCF with a broad TCC range from 20-10° to 110-10°
cells-mL~" were clarified with the FBC using the same parameter setting
confirming a high robustness of the approach. Furthermore, the process
performance of the FBC system was successfully modeled for different
TCC. Therefore, this model can be used to harmonize the clarification
process with the subsequent downstream processing.

After FBC clarification, a small filter step was used to generate a
sterile IgG harvest pool. The obtained turbidities were slightly different
what is likely due to the different cell viabilities (60 to 97%) of the CCF
and thus various compositions of host cell impurities, such as cell debris
(Fig. 14). However, in all final harvest pools, low turbidities (< 13 NTU)
were achieved, demonstrating the suitability of the clarification
approach for various intensified process streams.

Moreover, for the entire clarification operation, high IgG recoveries
of 97 + 5% were achieved (Fig. 14). In some cases, the recovery was
slightly higher than 100%, due to an ongoing release of IgG by the cells
during the clarification process. To date, there are no reports of other
technologies that are capable of clarifying CCF with TCC of more than
100-10° cells-mL~" and achieve such high recoveries.

In addition, the complete equipment in contact with IgG consisted of
single-use components that can be connected under sterile conditions.
This saves time and costs for cleaning as well as validation [62] and thus
contributes to an intensification of the clarification process.

Therefore, the presented clarification approach using a FBC followed
by a small filter step has a high potential to be used as a clarification
platform for intensified processes.
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4. Conclusions

Process intensification is the natural next step for the biopharma
industry as it transitions from a focus on global blockbuster drugs to a
diversified portfolio of specialized biopharmaceuticals with more
focused markets and dynamic demand. This maturation requires robust
and flexible manufacturing strategies that fit variable market demand,
reduce production costs and support increasingly regionalized supply
needs.

The BPOG industry roadmap [26] has outlined several areas where
changes are needed to achieve this goal, including switching to inten-
sified process variants, developing improved cell lines, shorter seed
trains, and robust HCD harvest technologies for the USP part. For the
DSP, moving towards continuous operation, improved resin usage, or
facile inline dilution need to be addressed - promising to ideally curb
product purification timelines from several days to one. All these im-
provements target implementation of large-scale processes. In addition,
tools are needed that facilitate fast and reliable setup of robust intensi-
fied processes if these more economic processes are to become the new
norm.

The examples presented in this work and elsewhere illustrate that
such tools are available now - be it for selecting the right production
clones for intensified processes or for quickly testing different media and
process conditions for alternatives like perfusion or HIFB. By using
parallel mini-bioreactor systems like the Ambr®, this can be achieved
quickly and at early stages of the development process without the risk
of adding lengthy optimization phases that impair speed to clinic for a
new molecule. The latter is, of course, only possible if the scale-down
models used for process setup and optimization are predictive and the
data reported here and by others demonstrate that this is achievable.

Significant advances have been made in critical steps like the robust
coupling of upstream process and in harvesting technologies for high
cell densities, e.g., the Ksep® centrifuge application described above.
Multi-column chromatography can operate robustly with perfusion
processes, supporting improved resin usage and cost reductions. More-
over, widespread use of single-use technologies in the bioprocess in
general provide more flexibility in process setups and facility expansion,
reduce the risk of batch failures due to contamination, simplify multi-
product operation in the same facility, and reduce required capital
spend and environmental impact [4,8,63].

Still, several challenges remain: more work is needed, e.g., on
demonstrating scalability of new harvest technologies, on concentrated
media formulations supporting HCD cultures, or on frozen high cell
density bags to further curb seed train duration. On the downstream
side, more experience with reliable inline dilution solutions, efficient
viral clearance and continuous DSP trains is desirable. Plus, major
single-use vendors have recently initiated programs to address the topic
of SU waste reduction and improving sustainability [63].

Last not least, process intensification not only comes with technical
challenges, but also requires adaptations in drug regulatory frameworks,
for example, concerning seemingly simple concepts like batch definition
for continuous processes, The regulatory agencies have recognized this
need and special task forces like the Emerging Technologies Team at the
FDA or the innovation task force at EMA [28] have been formed to
address this topic and actively support this transition.

Attractively, different elements of process intensification like opti-
mized clone selection, N-1 perfusion or an intensified N stage can be
combined and offer synergistic gains like the ten-fold rise in volumetric
productivity achieved by switching from FB to perfusion operation as
demonstrated in this work. Also, simple intensification steps like HIFB
can be implemented with limited financial and organizational effort in
existing facilities. In contrast, perfusion setups provide higher potential
for COGs reduction, reduced facility footprints, and required capital
spend, but demand careful planning and come with higher operational
cost, e.g. for media consumption [8]. In this way, the best intensification
approach can be chosen for the application scenario at hand.
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With these changes underway, process intensification provides
increased momentum to advance the biopharma industry to the next
level of process maturity and economical manufacturing. As it looks,
process intensification is set to play an important role in delivering
flexible and cost-effective biopharma processes, which help to meet the
diversifying medical needs and improve drug accessibility for patients in
the coming years.
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4.3 Intensification of Clarification by Pretreatments
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Figure 5. Overview of the clarification process using cell culture pretreatment approaches to intensify
the subsequent fluidized bed centrifugation and filtration steps

In the previous chapter, the suitability of an FBC-based platform approach for cell clarification was
demonstrated. However, it was also found that cell broths with low viability (< 90 %), in some cases
achieved lower filter capacities in the second clarification step compared to capacities of = 150 L/m?
at viabilities > 90 % (chapter 4.1). One explanation for this effect could be that low cell viabilities are
accompanied by a higher proportion of debris from already apoptotic and lysed cells. These cell debris
might probably not be retained in the fluidized bed of the centrifuge and thus are removed by the
subsequent filter stages which increases the ability to block the filters. In addition, these cell cultures

tend to have higher levels of dissolved impurities, which place an additional burden on the subsequent

DSP.

To overcome the limitations in the clarification of low viable cell cultures, flocculation and precipitation
pretreatment approaches were investigated for their potential to intensify the developed cell
clarification process platform (Figure 5). For this purpose, the effect of different treatments on the
particle size distribution and on the stability of the low viable cell broth was examined. Furthermore,
the possibility of additionally remove dissolved process related impurities by the pretreatments was
determined. Another criterion that was also taken into account for selection of suitable additives was

the effect on the product quality indicated by the aggregation level and the glycan profile of mAb.

As a result of an additive screening, low pH precipitation by 2 M acetic acid and cationic flocculation
by 0.75 g/L pDADMAC were identified as promising pretreatments. As observed by a particle size
analysis, the pH treatment caused formation of small impurity aggregates in a sub-micrometer
diameter range whereas the cells were not aggregated. In contrast, the flocculation treatment caused

formation of large cell aggregates with an average diameter of approximately 170 um compared to an
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average particle size of 21 um of an untreated reference. In both approaches, the treated cell broths
were stable for at least one hour, what allows their application in combination with FBC clarification.
However, both pretreatments showed hardly any effect on the FBC step, but enhanced the subsequent
filtration step, resulting in an increase in filter capacities by precipitation to more than 200 L/m? and
by flocculation to more than 400 L/m?. Further advantages of both approaches were, that more than
90 % of the dissolved DNA impurities were removed and the harvest turbidites were reduced below
3.1 NTU compared to approximately 6.5 NTU achieved in an untreated reference process. In addition,
mAb glycosylation pattern and aggregate formation were studied in which only minor effects of the
treatments on these critical quality attributes were found. All tested cell clarification approaches

achieved overall mAb recoveries of = 90 % and above.

To conclude, this part of the thesis again proves that fluidized bed centrifugation followed by a small
filtration step is suitable to clarify various cell broth characteristics. Additional pretreatment of the cell
broth with suitable flocculants or precipitation additives can improve the clarification process by
requiring less filter area and lowering the obtained harvest turbidity, which is both particularly
beneficial for cell cultures with low viability. The additional removal of DNA host cell impurities through
the treatments offers high potential to simplify and reduce the size of subsequent DSP steps as well as
to increase the lifetime of expensive chromatography materials in the capture step. Even though the
positive effects of pretreatments beyond the cell clarification still need to be proven, the results of this
chapter provide a basis for intensification of the clarification operation and the subsequent DSP of

mAb.
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Precipitation and flocculation pretreatments promise improved clarification of cell culture fluids (CCF) to
intensify the production of monoclonal antibodies (mAb). However, such pretreatments pose the risks to alter the

Elocculation mAb and damage cells. This can be additionally exacerbated by the subsequent clarification process, for example

Tc’:[mc,]g"a:_mn by high shear forces during disk stack centrifugation, resulting in a release of host cell impurities. To overcome
arification

Monoclonal antibody these limitations and enhance the clarification particularly of cell cultures with low viability and thus a high level

Downstream of impurities, this study investigated low-pH precipitation and cationic polymer flocculation, each in combi-

nation with a mild fluidized bed centrifuge (FBC) separation and a subsequent filtration step. Therefore, low-
viable CCFs were pretreated and characterized to investigate the effects of additives on CCF composition and
stability. In clarification experiments, both pretreatments achieved similar FBC throughput compared to an
untreated reference but increased the maximum filter throughput up to four times. Furthermore, high mAb
recoveries (> 91%), low turbidities (< 3.1 NTU) and high DNA removals (> 91%) were achieved. Similar glycan
profiles and dimer ratios suggest consistent mAb quality. These findings have a great potential to intensify mAb

downstream processing with both CCF pretreatments using a FBC clarification approach.

1. Introduction

Intensified manufacturing of monoclonal antibodies (mAb) is driven
by an increasing number of approved mAb-based biopharmaceuticals
and the need to provide safe and less-expensive treatments for a growing
patient population (Kelley, 2020; Lu et al., 2020). Although there are
efforts to implement continuous manufacturing (Yang et al., 2019), the
majority of industrial mAb manufacturing platforms use established
fed-batch (FB) cultivation processes due to their high flexibility, lower
investment costs and simplified process control (Papathanasiou and
Kontoravdi, 2020; Chen et al., 2018).

For an efficient production of extracellular mAb, FB processes have
been enhanced over the last decade by improved media and mammalian
production cell lines, like Chinese hamster ovary (CHO) cells, to culti-
vate them in high cell density (HCD) broths with peak cell concentra-
tions higher than 20 million cells/mL (Kshirsagar and Ryll, 2018). To
achieve high mAb titers of more than 10 g/L in modern FB processes

(Pohlscheidt et al., 2018), the bioreactor with the cell culture fluid (CCF)
is usually harvested late in the cell death phase where the viability and
the total amount of cells already have started to decrease (Pieracciet al.,
2018). In this phase, the cells become more sensitive to shear stress,
what further increases shear-induced rupture of cells during gassing and
mixing in the bioreactor (Singh and Chollangi, 2017), before they
disintegrate into apoptotic bodies. As a result, impurities, like the most
abundant DNA and host cell protein (HCP) impurities as well as cell
debris, are released and accumulated in the CCF (Singh and Chollangi,
2017).

Therefore, downstream processing (DSP) of mAb includes the
removal of cells and cell debris in the primary clarification step as well
as the purification from dissolved impurities in several subsequent
chromatographic steps to ensure product safety. Established clarifica-
tion processes for FB cultivations apply two serial steps: For the first
step, depth filtration or disc stack centrifugation is used. In the second
clarification step, a depth filter followed by a sterile filter is applied for a

Abbreviations: BM, Biomass; CCF, Cell Culture Fluid; CHO, Chinese Hamster Ovary; Ch, Chamber; DSP, Downstream Processing; ELISA, Enzyme-Linked Immu-
nosorbent Assay; FB, Fed-Batch; FBC, Fluidized Bed Centrifuge; HCD, High Cell Density; HCP, Host Cell Protein; TgG, Immunoglobulin type G; PBS, Phosphate
Buffered Saline; pDADMAC, poly(diallyldimethylammonium chloride); SEC, Size Exclusion Chromatography; SU, Single-Use; TCC, Total Cell Concentration; mAb,

monoclonal Antibody; NTU, Nephelometric Turbidity Units.
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complete removal of solids in both scenarios (Picracci et al., 2018).

However, it has been shown that the clarification of CCF with
increased cell concentrations challenges both established steps due to a
limited biomass removal capacity of filters and a low mAb recovery at
disc stack centrifugation (Tomic et al., 2015; lammarino et al., 2007). In
addition, high shear rates during the separation process can damage the
cells and release impurities (Wilson et al., 2019). As a result, released
cell debris in a submicron range cause faster blocking of filters (lam-
marino et al., 2007), whereas high levels of dissolved impurities increase
the pressure on the subsequent chromatographic purification steps
(Wilson et al., 2019). Therefore, the primary clarification step has been
identified as one of the major bottlenecks in intensified FB processes
(Roush and Lu, 2008).

A promising approach to overcome these challenges is a fluidized
bed centrifuge (FBC), which can be used as an alternative first clarifi-
cation step (Ko and Bhatia, 2012). Compared to processes using stainless
steel disc stack centrifuges, all FBC components that come into contact
with the liquid streams are single-use (SU) materials, eliminating the
need for cleaning and validation to reduce set-up times and prevent
cross-contamination between batches (Mehta, 2014). Therefore, FBC
systems are particularly suitable for SU-based biomanufacturing pro-
cesses where SU bioreactors with typical volumes of 2000 L are used.
Here, FBC clarification can be used for example to connect discontin-
uous FB processes and continuous DSP, which represents a promising
combination from an economic and ecological perspective (Cataldo
et al., 2020). In contrast to approaches using filtration in the first clar-
ification step, the FBC can be flexibly adapted to various CCF charac-
teristics including HCD suspensions with more than 100 million
cells/ml without the need for additional consumables (Miiller et al.,
2022). In addition, FBC processes enable a mild separation of cells from
CCF and an almost complete recovery of product due to the ability to
wash retained biomass in the fluidized bed (Saballus et al., 2021).

However, the retention of biomass in the fluidized bed depends on
the process parameters of the centrifuge as well as on the sedimentation
properties of biomass particles, which are affected by their density and
size (Kelly et al., 2016). Large particles, such as intact CHO cells, are
retained with a high efficiency in a fluidized bed, whereas small parti-
cles, such as submicron cell debris, can pass and be removed in the
second clarification step using a fine grade depth filter followed by a
sterile filter (Kelly et al., 2016). The capacities of these filters decrease
with a higher content of small particles passing the FBC stage, as is the
case with low-viable CCF, so larger filter areas have to be utilized. A
promising approach to enhance FBC clarification and streamline the
subsequent filtration step could be a pretreatment of the CCF, prior to
the clarification,

A large number of different CCF pretreatments have been described
in the scientific literature (Singh and Chollangi, 2017). Some pretreat-
ment approaches are based on precipitation that aim for exceeding the
solubility limit of dissolved impurities to enable their separation as a
particulate system in the primary clarification step. By changing envi-
ronmental conditions, such as the pH value and the ionic strength, entire
molecule classes can be precipitated (Singh et al., 2016). For example,
lowering the pH value to 5 is used in some CHO clarification processes in
combination with subsequent diatomaceous earth filtration (Minow
etal., 2014) or disk stack centrifugation (Richardson and Walker, 2021).
Other pretreatment approaches are based on flocculation to increase size
of the particles already present in a suspension, whereas dissolved im-
purities can also be bound on the aggregates. This can be achieved by the
addition of charged additives, such as the well characterized cationic
polymer poly(diallyldimethylammonium chloride) (pDADMAC) (Car-
valho, 2019; Kang et al., 2013), which cover or bridge the repulsive
forces between similarly charged particle surfaces, like negatively
charged cell fragments (Senczuk et al., 2016).

It has been shown that both pretreatment approaches are able to
improve the filterability of CCF (Burgstaller et al., 2018). Furthermore,
these approaches can achieve additional impurity reduction, like the
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removal of DNA by several log-levels (Westoby et al., 2011), which helps
to reduce the size of the subsequent purification facility. Some pre-
treatments may provide further advantages for the DSP, such as the
inactivation of viruses (Trapp et al., 2018).

However, the harsh environmental conditions in pretreated CCF pose
the risk that mAb is lost through co-aggregation or degradation and even
more impurities are released through cell lysis (Singh and Chollangi,
2017). In addition, there is also the risk to alter the N-linked glycan
profile of the mAb by the pretreatment additives (Gomez et al., 2018).
This can lead to a loss of mAb activity as the glycan profile regulates
specific binding on the constant (Fc) domain of the mAb (Irvine and
Alter, 2020). Therefore, the glycan profile is one of the most important
quality attributes (Papathanasiou and Kontoravdi, 2020). Another
aspect that must be considered when selecting additives for CCF pre-
treatment is to ensure the removal of these additives in the subsequent
purification process due to their often cytotoxic nature (Tomic et al.,
2015).

To date, however, there are no reports about the application of
pretreatments in FBC processes. Therefore, this study investigated the
effect of precipitation and flocculation pretreatment in combination
with a FBC and a subsequent small filter stage to develop an intensified
clarification approach for CCF with low viability and thus a high
contaminant load (Fig. 1). As a model of such a CCF, a CHO cell broth
from a FB process for mAb production was used. For precipitation pre-
treatment, the pH value was reduced to 5 using acetic acid. Flocculation
was induced by the addition of pPDADMAC. The amount of this flocculant
was optimized to generate large and compact flocs. In addition, size
distributions of biomass particles were determined to assess particle
formation and stability for both pretreatments.

In clarification trials the influence of both pretreatments on
throughputs of the FBC step as well as the subsequent filtration step were
investigated. Furthermore, product recovery, turbidity as well as DNA
and HCP impurity changes were assessed. To evaluate the impact of
pretreatments on the critical quality attributes, glycan profiles and
dimer ratios of the clarified mAb were determined.

2. Materials and methods
2.1, Cell culture

A CHO-DG44 cell line expressing a mAb (immunoglobulin type G,
IgG; isoelectric point of 8.4) was cultivated in a FB process using a SU
bioreactor (Biostat STR® 200, Sartorius, Germany) and commercially
available production medium with two different feeds. During the 12
days cultivation, the cell broth was stirred at 120 rpm and the temper-
ature setpoint was 36.8 “C. The pH value was controlled to 7.1 by COz-
sparging and the level of dissolved oxygen was controlled to 60% using
nitrogen, air and oxygen gassing. A glucose concentration of 5 g/L was
maintained by the feeding strategy. In all experiments performed, total
cell concentrations (TCC) at harvest point were between 16 and 18

million cells/mL. Viabilities ranged from 67% to 91%. DNA
Pretreatment
s& ¥,
— ) + O
4 !/,sv
Bioreactor Fluidized Bed Filter Stage
Centrifuge

Fig. 1. Schematic process flow of an intensified clarification approach with
pretreatment of the cell culture fluid prior to fluidized bed centrifugation fol-
lowed by a filtration step,
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concentration was in a range of 0.26-0.84 g/L and HCP concentration
ranged from 0.33 g/L to 0.53 g/L. The achieved mAb concentrations
were above 3 g/L.

2.2, Cell culture pretreatments

Prior to pretreatment of the cell broth, a required volume was
transferred to a vessel and thoroughly mixed with a magnetic stirrer to
avoid local overconcentration of the additives and thus cell lysis during
addition, Precipitation of CCF was accomplished by acidification to pH 5
using 2 M acetic acid (Carl Roth, Germany). For flocculation, a defined
pDADMAC concentration was adjusted by adding a 10% pDADMAC
solution (Merck, Germany).

2.3. Characterization of pretreatments

To investigate aggregation and stability of the pretreated FB cell
culture broths, the precipitation and flocculation approaches were
initially characterized in a 100 mL beaker scale. In addition, pDADMAC
flocculant concentrations of 0.25, 0.75, and 1.5 g/L were tested to
determine a suitable concentration for the formation of large and stable
flocs. The concentrations were chosen based on values that have pre-
viously been shown to be effective for clarifying mammalian cell cul-
tures (Tomic et al., 2015; McNerney et al., 2015).

Samples from all tested approaches were taken and compared to the
untreated CCF after 10 min and 60 min of pretreatment. The particle
size distribution of the samples was determined as well as visually
evaluated. As an indication of cell damage, cell viability and diameter
were measured, except for flocculated CCF to prevent blocking of the
miero-channels in the cell counter. Moreover, the reduction of DNA and
HCP impurities was assessed. All analytical samples were measured at
least in duplicates.

2.4. Clarification

In order to investigate the influence of pretreatments on the clarifi-
cation process and the harvest quality, precipitated, flocculated and
untreated CCF were clarified using a FBC system followed by a filtration
step. To examine mAb recovery, turbidity reduction as well as removal
of DNA and HCP impurities by the clarification operations, samples were
taken before and after each process step.

To investigate the robustness, two independent series of measure-
ments were performed with all three approaches, using CCF with a
viability of 91% as well as with a low viability of 67%. The results of
each clarification approach were averaged, and their standard deviation
determined. For each trial, 5 L CCF was pretreated (according to section
2.2) and incubated for 10 min before starting the clarification process.

As a first clarification step, a Ksep® 400 FBC System (Sartorius,
Germany) with a SU harvest clarification consumable kit was used.
Optimized centrifugal parameters for CHO cell clarification (Saballus
etal., 2021) were applied with two exceptions: A lower loading flow rate
of chambers (400 mL/min) was used to reduce shear stress on aggre-
gates and to increase the capability of the system to retain small parti-
cles. Furthermore, the chamber loading volume was manually
controlled due to unknown chamber capacities of the pretreated CCF’s.
For untreated and flocculated CCF pH 7.4 phosphate buffered saline
(PBS, chemicals supplied by Carl Roth, Germany) was used as wash
buffer. In the precipitation approach the fluidized bed was washed using
a pH 5 citric acid buffer (48.5 mM citric acid, 103 mM Na,HPOy;
chemicals purchased from Carl Roth, Germany) to ensure that aggre-
gates were not resolved by a changed pH value. In addition, this buffer
showed a similar osmolality as the CCF and had no effect on the viability
of CHO cells (data not shown).

Some of the harvested liquid was used to examine the capacity of a
filter arrangement as a second clarification step. The filter arrangement,
selected by a sereening (Saballus et al., 2021), consisted of a double
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layer depth filter with retention rates of 8 um for the first and 0.8 pm for
the second filter layer (DL60, 25 em?; SartoClear® Cap, Sartorius, Ger-
many) and a 0.2 pm sterile filter (Sartopore® 2 XLG, 4.5 cm?; SartoScale
25, Sartorius, Germany). A peristaltic pump (SciLog®, Parker, US) with
inline SU pressure sensors (175255P-10, Sartorius, Germany) in front of
each filter step was used for process control. Depth filters were
pre-flushed with FBC wash buffer (PBS or citric acid buffer, 50 L/m?)
using a volumetric flux of 150 L/m?/h. The filtration was performed ina
constant flow mode at 5mL/min (120 L/m?/h) until a pressure of
1.3 bar was reached. To increase mAb recovery, a buffer post-flush
(20 L/m?) was performed in constant pressure mode with a pressure
limit of 1.5 bar. Total filter throughputs were calculated dividing the
filtered volume of harvested liquid by the depth filter area. The filtrate of
the pH 5 FBC harvest was neutralized to pH 7 using 1 M sodium hy-
droxide (Carl Roth, Germany) before samples were taken.

2.5. Analytics

2.5.1. Characterization of cell broth

Viable cell concentrations, TCC, and average cell diameters were
analyzed using a Trypan Blue assay-based cell counter system (Cedex
HiRes Analyzer, Roche, Germany). For turbidity measurement a neph-
elometer (TL2350, Hach, Germany) was used. A microscope (BX43
Upright, Olympus, Germany) was used to evaluate structure and size of
flocs.

To determine volume-weighted particle size distribution and De
Brouckere mean diameter, a laser diffraction particle size analyzer
(Mastersizer 2000, Malvern Panalytical, UK) was applied. Prior to the
measurements, a part of the CCF was centrifuged and filtered (Sarto-
pore2 XLM 0.1 pm, Sartorius, Germany). The particle-free liquid was
used in the particle size analyzer to blank the background signal and to
provide a suitable matrix for sample dilution without interfering with
aggregate formation, aiming for obscuration values in range of 10-15%.
During particle size measurement (20 s) diluted samples were recircu-
lated through the measurement cell to avoid sedimentation. Sample data
evaluation and Mie theory fitting was performed using the Mastersizer
software (v5.60, Malvern Panalytical, UK). For the Mie scattering model
refractive indices of the particle-free liquids were determined using a
refractometer (Abbemat 550, Anton Paar, Germany). In addition, an
absorption constant of 0.01 and a refractive index value of 1.39 for CHO
cells were chosen from literature (Takagi et al., 2007).

2.5.2. Antibody quality and quantity

The concentration of mAb and its aggregated forms were measured
using a Dionex UltiMate 3000 HPLC system (ThermoFisher Scientific,
USA) with a gel column (Yarra 3 um SEC-3000, Phenomenex, USA) for
size exclusion chromatography (SEC). The running buffer contained
100 mM NasS04, 50 mM NasHPO4, and 50 mM NaH2POQ4 (all chemicals
supplied by Carl Roth, Germany) at a pH of 6.6. Samples were diluted,
filtered through a 0.2 ym syringe filter (Minisart RC4, Sartorius, Ger-
many), and then separated in the SEC column at a flow rate of 1 mL/min.
For the calibration of mAb monomer concentration, an internal standard
solution of the purified mAb was used to correlate its concentration in
the range between 25mg/L and 2 g/L. with the UV peak areas at
280 nm. This method was previously verified by analytical protein A
HPLC with filtered CCF samples to ensure that corresponding peak areas
were not interfered by impurities of the same size (data not shown).
Dimers and other high molecular weight aggregates of mAb were
identified in the SEC chromatograms by correlating their retention times
with those of authentic samples as already shown in other publications
(Carvalho, 2019; Stein et al., 2020). The proportion of mAb dimers was
calculated dividing the peak area by the sum of mAb monomer and mAb
dimer peak areas.

The mAb glycan profiles were analyzed using the LabChip GXII
Touch instrument with ProfilerPro® Glycan Profiling assay (Perki-
nElmer, USA). For sample preparation, supernatants were purified by

47



M. Saballus and M. Kampmann

Protein A columns (Protein A HP Spintrap™, Cytiva, USA) as well as
desalted and concentrated by ultrafiltration (Vivaspin® Turbo 4,
10 kDa, Sartorius, Germany). Enzymatic splitting of N-linked glycans
from the mAb, fluorescent labeling, and capillary electrophoretic sepa-
ration was performed according to the manufacturers instructions. To
assess mAb glycan profiles, ratios of the major glycan types and the
degree of fucosylation were determined.

2.5.3. Host cell impurities

To quantify DNA, a Quant-iT™ PicoGreen™ DNA assay (Thermo-
Fisher Scientific, USA) with lyophilized salmon sperm DNA standards
(Biomol, Germany) was used. Samples were diluted with TRIS-EDTA
buffer (10 mM TRIS, 1 mM EDTA, 0.1% SDS; chemicals purchased
from Carl Roth, Germany) to reach the detection range of
31.25-2000 ng/mL. For the determination of HCP content, a HCP-ELISA
kit (CYG-F550, Cygnus Technologies, USA) was used according to the
manufacturers instructions. A plate reader (infinite® 200, Tecan,
Switzerland) was applied in both assays. All samples were analyzed at
least in duplicates.

2.5.4. Calculation of recovery and impurity reduction

To determine the biomass concentration in the samples, they were
centrifuged at 5000 x g for 10 min (Centrisart A-14 C, Sartorius, Ger-
many), pellets were weighed, and their mass was divided by the weight
of centrifuged sample. All samples of initial CCF, pretreated CCF, post-
FBC, and post-filtration were prepared the same way to ensure compa-
rability. The densities of biomass and fluid were assumed to be similar
due to their minor difference. The total masses (m;) of soluble mAb,
DNA, and HCP in a process volume (V) was calculated according to Fq.
(1), taking into account the volume of biomass (BM) and the concen-
tration of the soluble component (c;).

m, = ¢, * (V- BM) (@8]

Recovery of mAb (recovery) was calculated according to Eq. (2),
where M ap pegin 15 the total mass of mAb at the beginning of each clar-
ification step and mpap enq is the mass of mADb in the harvest pool at the
end of each clarification step.

Mmb,  end
recovery = —— " 100 % (2)
Myab,  begin

Impurity reduction of DNA and HCP (reduction) were calculated ac-
cording to Eq. (3), using the total mass of the respective impurity in the
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feed pool at the beginning (M, pegin) and in the harvest pool at the end
(Mpnp,end) Of each clarification step.

Mimp,  end
i

reduction = (l — ) *100 % (3)

begin
3. Results and discussion
3.1. Characterization of pretreatments

3.1.1. Size distribution of particles

After 10 min of acid precipitation and flocculation treatment, the
formation and aggregation of particles in a low viable CCF (16 million
cells/mL TCC, 77% viability) were investigated based on the change in
the particle size distributions (Fig. 2).

In the untreated CCF, the bulk of the particles consisted of intact
single cells with a volume-weighted mean particle diameter of approx-
imately 21 pm. An additional portion of smaller particles in a size range
of 2-8 pm most likely consisted of apoptotic bodies and vesicles of
ruptured cells (Kakarla et al., 2020), suggesting a high amount of im-
purities that are more difficult to remove compared to the cells. The
measurement of the same CCF with a cell counter showed a slightly
smaller cell diameter of approximately 18 um. The deviation can be
explained by different measuring methods as well as by few cell ag-
gregates that were counted as one particle in the particle size analyzer.

After acid precipitation the fraction of smaller particles slightly
decreased due to their aggregation while the diameter of cells was kept
constant. These findings were confirmed by the microscopic investiga-
tion, where clusters of attached particles with sizes below the cell
diameter were observed, probably consisting of aggregated cellular
debris and precipitated impurities.

The flocculation treatment of CCF with a pDADMAC concentration of
0.75 g/L increased the particle sizes to a range of 50-300 pm with a
mean diameter of approximately 170 pm. Microscopic examination of
the flocs showed a high compactness of aggregated cells, suggesting
stability during homogenization and thus also during the separation
process.

Despite different aggregation mechanisms (Singh and Chollangi,
2017), both approaches shifted particle size distribution to higher di-
ameters and were therefore further investigated as promising candidates
to improve FBC clarification.
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Fig. 2. Volume-weighted particle size distribution (top, left) of cell culture fluids that were untreated (A), precipitated by acidification to pH 5 (B), or flocculated by
addition of pDADMAC (0.75 g/L). Volume-weighted (De Brouckere) particle mean diameter (top, right) and representative microscopic images (bottom) of these cell

culture fluids (A, B, C).
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3.1.2. Stability of precipitated cell culture fluid

The initial viability of 79% in the untreated CCF was slightly reduced
by pH 5 precipitation treatment to 74% after 10 min and to 69% after
60 min (Fig. 3, A). This and an almost constant cell diameter in the range
of 17.0-17.8 um suggest that the pretreatment had only minor effect on
cell stability.

Compared to the untreated reference the amount of DNA in the su-
pernatant was 70% or 73% lower after 10 min or 60 min, respectively
(Fig. 3, B). In addition, up to 30% of the HCP amount was reduced after
60 min of pretreatment.

These observations suggest that the dissolved impurities were
precipitated without significant lysis of the cells by the pH 5 pretreat-
ment for at least 60 min.

3.1.3. Stability of flocculated cell culture fluid

In order to determine a sufficient amount of flocculant for the gen-
eration of large and compact flocs, the effect of pDADMAC concentra-
tions on floc size was assessed. The largest flocs with a mean diameter of
approximately 170 pm were found when a pDADMAC concentration of
0.75 g/L was used (Fig. 4, A). Lower (0.25 g/L) as well as higher (1.5 g/
1) flocculant concentrations resulted in smaller flocs (< 120 pm). The
underlying effect for this is that, on the one hand, only small aggregates
are formed if the cationic flocculant concentration is too low to cover the
negative charge of the cell surfaces completely. On the other hand, too
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Fig. 3. Properties of a fed-batch cell culture fluid after 10 min and 60 min of
pH 5 pretreatment compared to an untreated reference after 60 min. A) Aver-
aged diameter and viability of cells. B) DNA and host cell protein (HCP)
reduction in the supernatant compared to the untreated reference,
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Fig. 4. Properties of a fed-batch cell culture fluid after 10 and 60 min of
flocculation using different pDADMAC flocculant concentrations (0.25, 0.75
and 1.5 g/L) as well as after 60 min of an untreated reference. A) Volume-
weighted (De Brouckere) mean diameter of flocs. B) DNA and host cell pro-
tein (HCP) reduction in the supernatant compared to the untreated reference.

high flocculant concentrations can cause reduced floc diameters by a too
high coverage of surfaces with the flocculant, resulting in increased
repulsive forces between positively charged particles (Burgstaller et al.,
2018).

For all tested concentrations, almost constant floc sizes after 10 min
and 60 min indicate a fast floc formation and a good stability of the flocs
during mixing (Fig. 4, A), allowing a fast start of the clarification process
after pretreatment.

Moreover, the ability to reduce dissolved DNA and HCP was exam-
ined. A high DNA reduction of 93- 97% was achieved independent of
floceulant amount and process time (Fig. 4, B), probably due to strong
ionic interaction of negatively charged DNA with the cationic flocculant
(Peram et al., 2010).

At a pDADMAC concentration of 0.25 g/L, the HCP content did not
change significantly, whereas at 1.5 g/L, the amount of HCP was
reduced by 31% after 60 min (Fig. 4, B). Application of a pDADMAC
concentration of 0.75 g/L resulted in a HCP reduction of 50% after
10 min and of 19% after 60 min. This could be an indication of cell
rupture in the flocs due to the cytotoxicity of the applied flocculant,
starvation of cells inside the flocs and hydrodynamic forces (Aunins and
Wang, 1989). However, due to a large diameter of flocs and a high DNA
removal, CCF was treated with a pDADMAC concentration of 0.75 g/L in
all further flocculation trials.
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3.2. Clarification of pretreated cell culture fluids

3.2.1. Influence on processability

To investigate the influence of pretreatments on the FBC process, the
volume of CCF that can be loaded per chamber before reaching the
maximum chamber capacity was determined. The chamber loading
volume depends on the number of particles, the particle size distribu-
tion, and the density of particles in the CCF, in addition to the FBC
process parameters.

Therefore, two counteracting effects are relevant for FBC clarifica-
tion of pretreated CCF: The more compact the aggregates, the more
biomass in total can be retained in the fluidized bed of the chamber,
increasing the loading volume until the maximum chamber capacity is
reached. The more dissolved impurities and cell debris are aggregated
by a pretreatment, the higher the particle load in the FBC feed stream
and the lower the chamber loading volume.

Compared to the untreated reference the processing of precipitated
CCF resulted in a reduced chamber loading volume (Fig. 5), suggesting
that the observed precipitated particles (Fig. 2, B) were retained in the
FBC chamber. Flocculation of CCF also caused a slight reduction in
chamber loading volume that could be explained by co-precipitation of
dissolved impurities as well as by a similar particle density of the
generated flocs compared to the untreated cells (Fig. 5). However, the
slightly reduced chamber loading volumes in both CCF pretreatments
had hardly any effect on the average CCF throughput of 12.1 + 0.8 L/h.

After the primary FBC clarification step, the harvest pools were
filtered through a combination of a double layer depth filter with
average retention rates of 8 pm and 0.8 pm followed by a 0.2 um sterile
filter to determine filter throughputs.

For untreated CCF, a strong pressure increase of more than 1.2 bar
over the sterile filter stage (P2) was observed (Fig. 6). This indicates the
blocking of the sterile filter by small particles that have passed the FBC
and the 0.8 pm depth filter stage. Therefore, relatively low maximum
filter throughputs of 101 = 36 L/m? at the depth filter stage were ob-
tained for the untreated CCF (¥ig. 7). Due to the high pressure drop over
the sterile filter stage, post-flushing was hardly possible despite a
reduced flow rate. Based on these observations, the ratio of sterile filter
to depth filter area needs to be increased to improve the utilization of the
depth filter stage and facilitate post-flushing after the filtration of un-
treated FBC harvest pools from low viable CCF.

In contrast, the pressure increase during the filtration of pretreated
CCF resulted from blocking of both filter stages, as indicated by the
significantly lower pressure drop over the sterile filter stages (P2)
compared to the respective depth filter stages (P1) (Fig. 6). As a result,
higher utilization of both filter stages and thus increased filter
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Fig. 5. Chamber loading volumes of a fluidized bed centrifuge during clarifi-
cation of the same starting cell culture fluid that was untreated, precipitated
and flocculated.
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throughputs were achieved.

In the precipitation approach a high maximum throughput of 246
+ 70 L/m* was achieved (Fig. 7). This was likely caused by an aggre-
gation of cell debris, which were partially removed by the FBC and
partially removed by the subsequent filter stage. In contrast, the larger
aggregates consisting of cells and cell debris obtained from flocculation
were almost completely removed in the FBC step, resulting in the highest
filter throughput of 432 + 48 L/m”.

Compared to the throughput of the untreated FBC harvest, the
precipitated CCF achieved a more than double and the flocculated CCF a
more than 4x higher maximum filter throughput. This fourfold increase
in throughput by CCF flocculation was in the same ratio as reported in
another study using two multilayer depth filters in series without pre-
vious FBC (Burgstaller et al., 2018). However, it should be noted that
total filter throughputs of the studies cannot be compared as the CCFs
used in this study had significantly higher cell concentrations and lower
viabilities. For comparison and evaluation of different clarification
technologies, further studies using CCF with the same characteristics are
required. However, the increase of filter throughputs by both pre-
treatments in this study suggests high potential to streamline the
post-centrifugal processing.

3.2.2. Reduction of impurities and recovery of product

In order to investigate the influence of the clarification steps on the
harvest clarity, the turbidity was measured after each step (Fig. 8).
Initial turbidities of the untreated CCF were 1700 — 2200 NTU in both
fed-batches with TCCs in the range of 17.9 x 10° - 20.5 x 10° cells/mL.
The pretreatments of CCF increased turbidity values up to 6400 + 1000
NTU at low-pH precipitation due to the formation and aggregation of
particles.

After FBC processing, turbidities were reduced by separating most of
the biomass. The flocculated CCF achieved the highest clearance (53
=+ 17 NTU) compared to the untreated FBC harvest pool (91 + 71 NTU),
where high variation was observed. The turbidity in the precipitated
harvest pool was relatively high (270 & 153 NTU), indicating a high
level of remained particles that were probably too small to be removed
by the FBC and passed the FBC chamber. However, in the final filtration
step a high clarity of the precipitated CCF was achieved, showing suc-
cessful removal of the precipitated impurities. Adjusting the pH in the
filtrate to 7.0 had no effect on turbidity (data not shown).

Finally, turbidity levels in the harvest pools were below 3.1 NTU for
both pretreatments and 6.5 + 1.2 NTU in the untreated reference,
demonstrating high clarity for all three approaches tested.

Recovery of mAb as well as reduction of DNA and HCP amounts were
determined for different pretreated CCF after each clarification unit
operation (Fig. 9).

In the untreated reference process, a slightly higher recovery of
101.0 + 0.2% compared to the expected maximum of 100% was
observed (Fig. 9, A), likely due to the continued release of mAb during
the clarification process. After pH 5 precipitation a slightly reduced mAb
recovery of 96.4 + 2.0% was determined, suggesting co-precipitation of
mAb, which was also reported for pH 4 pretreatments (Hadpe et al.,
2020). The flocculation pretreatment achieved a recovery of 98.5
=+ 2.0%, indicating hardly any loss of mAb. After the FBC unit operation,
obtained recoveries ranged from 100.9% in the reference to 94.0% in the
precipitated CCF. This lower recovery at pH 5 pretreatment could be due
to progressive co-precipitation of mAb during the FBC step. Further-
more, the application of citric acid pH 5 buffer for washing of the flu-
idized bed could have increased mAb precipitation. However, in
previous screening experiments (data not shown) citric acid buffer was
selected due to its low interference with the precipitated CCF and hardly
any effect on cell viability. In the filtration step of the untreated refer-
ence, a low recovery of 88.7% was obtained, due to an insufficient
post-flush of the filters (see chapter 3.2.1). Therefore, a modified filter
setup with finer depth filter retention rates or an increased sterile filter
area will be investigated in further studies to ensure complete flushing of
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Fig. 6. Post-centrifuge filtration of untreated, precipitated and flocculated cell culture fluids. A) Filtration pressures as a function of the depth filter throughput. B)
Arrangement of inline pressure sensors (P1 and P2) installed in front of each filter stage.
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Fig. 7. Maximum depth filter throughputs of untreated, precipitated, and
flocculated cell culture fluids pre-clarified using a fluidized bed centrifuge.
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Fig. 8. Change in turbidities of untreated, precipitated, and flocculated cell
culture fluids starting from the bioreactor, followed by the treatments, then
clarified with a fluidized bed centrifuge (FBC) and finally filtered using a depth
filter (DF) followed by a 0.2 um sterile filter stage.

post-centrifugal filters for untreated CCF with low viability.
For both pretreatments, high recoveries of more than 97% were
obtained in the filtration step due to the performed post-flushing (20 L/

22

m?) of the filter setup. Furthermore, in the precipitation approach, the
recovered amount of mAb was maintained during the additional pH
neutralization step of the filtrate, which thus did not negatively influ-
ence the process. However, relatively low overall recoveries below 92%
were determined for the reference process due to a sharp recovery
decrease in the filtration step as well as for the precipitation pretreat-
ment due to a progressive decline in recovery after pretreatment (Fig. 9,
A). The highest recoveries of the overall clarification process were
achieved with the flocculation pretreatment (97.5 + 0.8%), asa result of
enhanced processability of the CCF without co-precipitating the mAb
(Table 1).

The amount of dissolved DNA was reduced by 84% in the precipi-
tation step and by almost 98% in the flocculation step (Fig. 9, B). The
DNA amount of the untreated reference remained almost constant dur-
ing the pretreatment time. In all approaches, the subsequent FBC step
hardly changed the DNA content, whereas an additional DNA reduction
was observed in the subsequent filtration step. Probably due to
adsorption on the filter material, the amount of DNA was reduced by
almost 50% in untreated reference and precipitated CCF as well as by
20% in the flocculated CCF. Additionally, a part of this high reduction in
the untreated reference could have resulted from insufficient post-
flushing. However, after the entire clarification process, the highest
DNA reductions of 91% using precipitation and more than 98% using
flocculation were achieved by the pretreatments (Table 1).

The amount of HCP increased by 38% in the untreated and by 24% in
the flocculated CCF, probably due to a release of HCP during the mixing
of CCF for the time of pretreatment (Fig. 9, C). The FBC step showed no
significant change in the HCP level for all approaches. In the filtration
step, HCP reduction was achieved only for the untreated reference
(33%). This observation suggests adsorption of HCP onto the depth filter
material, what has also been observed in other filtration studies (Khanal
et al., 2018). However, the HCP amount over all steps was only slightly
reduced by the precipitation pretreatment (31 + 22%) (Table 1). Due to
intrinsically relatively high standard deviations of up to 10% in the
ELISA assay (Cygnus Technologies, 2021), the resolution of small
changes in the HCP amount is limited. Therefore, the pretreatment
methods showed no significant effect on the overall reduction of the HCP
amount, as shown by other studies (Singh and Chollangi, 2017).

Taking into account the mAb recovery and the impurity reductions,
the flocculation pretreatment showed the best clarification results due to
the combination of a high overall recovery of 97.5% with the highest
reduction in the DNA amount of 98% (Table 1). The lower impurity
levels may contribute to reduce the burden on the subsequent purifi-
cation steps, such as protein A chromatography, which need to be
investigated in further studies to facilitate implementation of intensified
FBC clarification in DSP.
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Fig. 9. Recovery of mAb A), reduction of DNA amount B), and reduction of
host cell protein (HCP) amount C) of untreated (reference), precipitated, and
flocculated cell culture fluids after the respective steps of the clarification
process. Bar charts represent changes in the amount by each clarification step of
pretreatment, fluidized bed centrifuge (FBC), and depth filtration followed by a
sterile filter (DF | 0.2 um). The overall change of the amount during the
clarification process is represented by dotted lines. Standard deviations indicate
the variation between two independent test series.

3.2.3. Harvest quality

To evaluate the influence of pretreatments on mAb quality, the
glycan profiles and the ratio of dimers were examined.

The N-glycan profiles were characterized by the ratios of structures
with one (G1) and two (G2) galactose molecules per structures without
galactose (GO) as well as by the percentage of fucosylated glycans.
Similar characteristic glycan profiles with a G1/GO-ratio in a range of
1.23-1.24 and a G2/GO-ratio in a range of 0.27-0.29 as well as an
amount of 90.1 + 0.6% fucosylated glycans were observed in all
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Table 1

Overview of final recoveries as well as the reduction of DNA and HCP amounts
after completed clarification using low-pH precipitation and pDADMAC floc-
culation pretreatments and an untreated reference. Standard deviations indicate
the variation between two independent test series.

Recovery [%a] DNA HCP
Reduction [%)] Reduction [%]
untreated 48 =12 3438
precipitated / 91 + 4 31+22
flocculated 97.5+08 981 -18 £52

investigated clarification approaches (Fig. 10).

In addition, dimers were investigated as an indication of unwanted
mAb aggregates that can be formed by challenging conditions in the CCF
due to the pretreatments (Joubert et al., 2011).

The mAb used in this study had an average initial dimer ratio of 0.26
=+ 0.02% prior to clarification. After clarification, dimer ratios of the
reference (0.18 + 0.14%) and precipitation (0.23 + 0.06%) approaches
remained constant whereas a slightly increased ratio of 1.07 + 0.06%
was detected in the flocculation approach. This mAb aggregation by the
pDADMAC treatment of CCF is consistent with observations of another
study (Carvalho, 2019), However, this slight increase in mAb aggregates
could be acceptable in the early DSP process as aggregates can be
removed in the subsequent purification process, for example by a cation
exchange chromatography step (Stone et al., 2019).

The marginal changes observed in dimer ratio and glycan profile
suggest that both pretreatments had no significant effect on product
quality.

For flocculation pretreatments an additional critical quality attribute
is the amount of residual flocculant, which can be assessed by
commercially available assays or surface plasmon resonance spectros-
copy (Tomic et al., 2015). Due to the often cytotoxic nature of floccu-
lants, their absence in the final formulated product needs to be ensured
(McNerney et al., 2015). For the developed FBC approach, pDADMAC
removal has to be evaluated in further studies. However, previous
studies have shown that dissolved pDADMAC is bound on depth filter
materials with a very high efficiency and can also be removed in the
subsequent polishing steps (Singh and Chollangi, 2017). Complete
removal of additives with established DSP steps would facilitate the use
of pretreatment methods in biopharmaceutical processes.

4. Conclusion

Precipitation and flocculation pretreatments of low-viable CCF in

14 - r 100
124 T[] “ ] - 95
] I L =
1.0 =3 5e 90 s
0.8 | L85 3
) s
S 06 1 - 80 g;
o
0.4 F75
02 1 I I L 70
0.0 - 65
untreated precipitated  flocculated
oG1/GO[-] Fucosylated [%] = G2/GO0 [-]

Fig. 10. N-glycan profiles showing the G1/G0- and G2/G0-ratio as well as the
content of fueosylated glycans of harvested monoclonal antibodies from
different pretreatment approaches (untreated, precipitated, and flocculated) of
the cell culture fluid,
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mADb production were investigated targeting the intensification of FBC-
based clarification processes. The applied pretreatment approaches
showed significant changes in particle size distribution of impurities
through their aggregation: Acidification to pH 5 resulted in aggregation
of cell fragments and precipitation of dissolved DNA, whereas most of
the intact cells with an average diameter of approximately 21 um
remained non-aggregated. In contrast, flocculation using a pDADMAC
concentration of 0.75 g/L significantly increased the average particle
size up to 170 pm due to aggregation of cells, cell debris and dissolved
DNA. In both approaches almost constant particle diameters and host
cell protein concentrations indicated stable properties of the pretreated
CCF for at least 60 min.

Therefore, clarification within this timeframe was examined using a
FBC and a subsequent small depth and sterile filter step for both pre-
treatment approaches. Primary clarification of pretreated cell cultures
was successfully performed without interfering with the FBC process. As
indicated by a significant reduction of turbidity, most of the biomass,
including cells and large aggregates, was removed by the FBC. In the
subsequent filtration step, both pretreated CCF showed a significant
increase in the maximum filter throughputs of up to 432 + 48 L/m? in
the flocculation approach compared to 101 + 36 L/m? in the untreated
reference. The improved filterability resulted from the increase in par-
ticle sizes, facilitating the removal of submicron impurities, such as
degraded cells, which are present particularly in CCF with low viability.
Therefore, both pretreatments have a high potential to reduce the post-
centrifugal filter area. In addition, an excellent removal of particles was
shown by turbidities below 3.1 NTU for the pretreated and 6.5 NTU for
the untreated CCF in the final harvest pools.

Throughout the clarification process the amount of DNA was reduced
by 91% at low-pH precipitation and by 98% at pDADMAC flocculation.
Both values were significantly higher than the DNA reduction of 48%
obtained in the untreated reference process. The additional DNA
reduction could increase robustness or streamline subsequent polishing
steps, which need to be investigated in further studies. The HCP level
was not significantly changed by either the pretreatments or the FBC
separation process. The overall mAb recoveries ranged from 89.4% to
97.5% for the clarification approaches, which are all in an acceptable
range. The highest recoveries were achieved with the flocculated CCF.
This in combination with the increased throughput of the post-
centrifugal filters and a high reduction in the amount of DNA, make
PDADMAC flocculation a promising approach for intensification of the
clarification process.

The concentration of mAb dimers remained unchanged in the
precipitated CCF and increased only slightly at pDADMAC flocculation.
In addition, similar mAb glycan profiles were observed for all ap-
proaches, suggesting consistent mAb quality. However, it should be
noted that the flocculant and mAD aggregates need to be removed from
the product in subsequent purification steps. To apply the pretreatments
for other mADbS, the suitability of the pretreatment should be verified
with the particular mAb and the host cell line used. Such verification
could be performed at an early stage with a few milliliters of CCF, since
no effects of a subsequent FBC-based clarification on mAb quality are
expected.

In summary, the developed low-pH precipitation and flocculation
approaches presented in this study were capable to improve the removal
of particles and dissolved host cell impurities while maintaining a high
recovery and quality of mAb. Therefore, FBC-based clarification in
combination with both investigated pretreatments has a high potential
to intensify the clarification of low viable CCF and to streamline the
subsequent product purification.
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4.4 Implementation of a Streamlined Single-Use Clarification Setup
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Figure 6. Schematic process flow of a streamlined clarification unit operation with a direct connection
of bioreactor, fluidized bed centrifuge as a first clarification step, depth and sterile filter as a second
clarification step, and harvest vessel. Inline single-use pressure sensors (P1, P2) and flow sensor (F) are
installed for process monitoring. Pinch valves indicate certain lines that are activated and deactivated
for filter flushing.

In the previous chapters, the suitability of a novel clarification approach for robust processing of cell
broths even at HCD or low viability conditions was demonstrated. The two clarification steps applied,
FBC and two-stage filtration, were operated one after another in this approach, as it is also the case in
conventional processes with disc stack centrifugation and subsequent filtration. Performing both steps
separately is usually accomplished to reduce the complexity of each process step and to adapt the
steps more flexible to different conditions of the cell broth. However, such stepwise operation requires
separate sets of equipment for controlling and pumping as well as surge vessels for intermediate
product storage. This increases capital expenditure for equipment, labor costs for operation, footprint
of the manufacturing plant and thus decreases the cost efficiency of the UO. Another challenge can be
the relatively low overall product throughput and thus long process time, which increases the risk of
product degradation or impairment of the mAb quality. A way to overcome the limitations of stepwise

clarification could be a direct connection of both process steps.

To enable the connection in the developed FBC-based clarification approach, a basis is provided by the
work of the previous chapters. Due to the ability to model the FBC throughput in dependency of the
cell concentration in the production bioreactor (chapter 4.2) as well as to predict (or even to influence)
the maximum filter capacities for post-FBC processing (chapter 4.3), appropriated filter sizes can be
preselected depending on the respective FBC flow rates as well as the cell broth volume and the cell

concentration to clarify. In addition, the automated FBC system with its presterilized SU equipment
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allows flexible connection of all inlets and outlets by sterile welding of the thermoplastic tubes. On
that basis, the clarification approach was modified to integrate the filtration step into the preceding

fluidized bed centrifugation step aiming for an intensification of the clarification platform.

The general concept underlying the integrated clarification setup is based on a liquid tight connection
between the FBC harvest outlet and the filter setup inlet (Figure 6). This allows the operation without
any surge vessel for intermediate storage of the FBC supernatant between the FBC outlet and the inlet
of the connected depth and sterile filters. Moreover, the FBC pumping arrangement is used to pump
the supernatant through the filters. The resulting elimination of a surge vessel and a filtration pump
streamlines the setup, which is not only cost efficient, but is also making the overall process faster. The
accompanied reduction in the footprint of clarification setup is particularly advantageous for large-
scale applications in biopharmaceutical manufacturing, where clean room spaces are limited and cost

drivers of the process.

Further notable characteristics of the setup are the also liquid tight connections between the
bioreactor and the FBC as well as between the sterile filter and the harvest vessel. Due to the achieved
completely closed fluid path from the bioreactor to the sterile harvest, no fluid may come into contact
with any components outside, which leads to a reduced risk of contamination and thus an increased
process safety. In addition, it is advantageous that all components that are in direct contact with the
product are SU components, which reduces the set-up times and eliminates the need for cleaning and
validation between different batches. Furthermore, SU pressure and flow sensors are installed in front
of the filter stages to increase the controllability of the clarification. When a predefined pressure limit
is reached in the process by blocking of filters, valves can be actuated in a pressure control loop to stop
the centrifugation process and start the filter post-flush or open an additional backup filter line (backup

filters not shown in Figure 6).

In addition to these sensors, a supernatant sensor arrangement, preferably an optical supernatant
sensor arrangement, for measuring an occurrence level of supernatant in the respective liquid line can
be used to control the process. During the FBC loading and washing cycles, depending on the measured
occurrence level of supernatant, the FBC process controller deactivates or activates the outlet
supernatant line and the outlet waste line via the valves installed in the respective lines. The
advancements in the control strategy thus achieved, was filed as an independent international patent
application with the title “Automated centrifuge setup of a bioprocessing installation” (WO

2022/008543 Al), which is not further discussed in this thesis [126].

Another feature of the approach is that only one buffer vessel and one waste vessel is connected with
the FBC but used for both steps, what again streamlines the clarification setup. Before the

centrifugation process is started, the buffer is used for conditioning of filters by pre-flushing them. For
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that purpose, the control unit, a pump, and a predefined filter flushing line of the FBC is applied. During
the clarification process the cells captured inside fluidized bed of the FBC can be washed from the
same buffer vessel to increase mAb recovery. After the clarification process, the FBC and the filter
flushing line are again used for post-flushing of the filters to wash out the product containing liquid

from the void volume of the filter assembly into the harvest vessel.

The waste vessel is connected with the FBC waste outlet to collect the separated biomass of the
centrate. An additional connection between the depth filter outlet and the waste vessel was
established to collect the buffer from depth filter pre-conditioning, allowing the removal of filter

associated impurities and preventing unwanted dilution of the harvest pool with buffer.

The described clarification setup may be operated in different modes. A first operating mode, which is
the focus of this thesis, is the clarification of any solid particles from the cell broth by centrifugation
and subsequent filtration. A second operating mode, which could be realized by the present approach
as well, is the separation of cells from supernatant whereas the supernatant could additionally contain
a product of interest, like mAb’s, exosomes, or viruses. The obtained product in this second operating
mode can therefore be both, cells and supernatant, which is not further addressed in this work.
However, in both operating modes, the cyclic fluidized bed centrifugation process, consisting of loading
the cells into the FBC chambers, washing out the supernatant from the fluidized bed, and discharging
of the washed cells, determines the overall clarification throughput of this UO. Therefore, the FBC

system is used for controlling and harmonization of the centrifugation as well as the filtration steps.

During the loading of cells from the bioreactor into the FBC chambers, the valves of the FBC outlet
lines are actuated to guide the first volume fraction containing the system void volume to the waste
vessel and the second volume fraction containing the cell broth supernatant with the mAb to the filter
assembly. The fluid flow in the subsequent washing step of the FBC chamber is also guided to the filters.
Residual particles particularly cell debris of the FBC supernatant are removed in the filter assembly
resulting in a slow increase of the pressure by an increased flow resistance through the progressed
blocking of filter materials. In the last FBC cycle step, the discharging of cells, the flow direction through
the FBC chamber is turned in the opposite direction to transfer the biomass to the waste vessel. During
this step, no fluid is pumped through the filter assembly for a short time. Due to this interruption of
fluid flow, the filter pressure decreases. However, with the start of another FBC cycle and thus again
pumping supernatant through the filters, the pressure increases again. This pressure monitoring in
front of each filter stage can be used to activate a valve of a backup filter assembly or stop the process

when a pre-defined threshold of the peak pressure is achieved.

Both, the described clarification setup as well as the methods for its operation, were filed as an

international patent application with the title “Clarification setup of a bioprocessing installation” [124].
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In order to evaluate the feasibility of the invention an application study was conducted. As an example,
the results of two performed proof-of-concept clarification runs, which were also presented at the 5%

European BioProcessing Summit 2022 [125], are shown in the following section.

For investigation of the process robustness, CHO cell broth with different characteristics were clarified.
In both trials, the maximum centrifugal force of the FBC system of 1,000 x g was applied, all four
chambers were loaded with its maximum capacity and washed with 260 mL buffer per chamber, as
established in the FBC parameter optimization (chapter 4.1). Stop criteria of the process was a pressure

limit of 1.5 bar (sensor P1 in Figure 6) or a complete clarification of the cell broth volume.

In the first run, 170 L fed-batch cell broth from a pilot-scale 200 L SU bioreactor with a moderate cell
concentration of 16.7 million cells/mL (719 NTU) was processed. For depth filtration, two cassettes
with an effective filter area (EFA) of 1.6 m?2in total were used. A sterile filter with an EFA of 0.8 m? was

applied. The FBC loading flow rate was set to 1.2 L/min in total for all four applied chambers.

In the second clarification run, approximately 3 L cell broth from an intensified process with a cell
concentration of 110 million cells/mL (7970 NTU) was used. A depth filter EFA of 0.08 m? and a sterile
filter EFA of 0.065 m? was applied. In order to reach the maximum specific flow rate at the depth filters

of 300 L/m?/h, the FBC loading flow rate of all four chambers was set to 0.4 L/min.

The pressure measured at the filter inlets and the FBC outlet flow rate were recorded for a complete
clarification run (Figure 7). During the pre-flushing of the depth filter using the FBC, fluctuations in the
flow rate indicate air bubbles that were removed by venting. After a sufficient volume of buffer was
flushed through the filter, the residual liquid was blown out by pumping air, which cannot be measured
by the flow sensor, but results in a slight pressure increase (visible after approximately 0.3 h process
time in Figure 7). Thereafter, the FBC was sterile connected to the bioreactor and the cyclic FBC
clarification was started. During the loading and washing of the cells in the FBC chamber, the
supernatant was directly pumped into the filter assembly, resulting in an increase in pressure. At the
end of each cycle, the filtration was interrupted for 1.5 minutes while the biomass inside the chamber
was discharged into the waste vessel and a new cycle was automatically started. Although the flow
was interrupted, typical blocking behavior of the depth filter (pressure 1) was observed. A very low
pressure drop over the sterile filter (pressure 2) observed in both runs suggests that the sterile filter
device was oversized. In both runs, the complete cell broth was processed without reaching the
pressure limit. After FBC clarification, post-flushing was performed with half of the flow rate, to ensure

that the pressure remained low and to avoid breakthrough of impurities.

For the clarification of a 200 L bioreactor (run 1), 100 FBC cycles were performed during 8 h process
time. The FBC system was capable to run the process automated without any interruption or manual

adjustments, suggesting high robustness of the approach (data not shown).
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For the clarification of 3 L HCD broth (run 2), 8 FBC cycles were performed in 34 min (Figure 7). Due to
the applied small filter area and a probably higher level of cell debris, an increase in pressure (P1) up

to 0.7 bar was observed, which was significantly below the pressure limit of 1.5 bar.
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Figure 7. Pressures and flow rate during the clarification of a high cell density broth with
110 million cells/mL using a fluidized bed centrifuge (FBC) with integrated filtration (run 2). Prior to the
clarification, the depth filter was pre-flushed with buffer including the blow out of remained liquid
using the FBC. The FBC supernatant of each clarification cycle was directly filtered. After clarification,
depth and sterile filter were post-flushed by the FBC.

Despite the difference in cell concentration and processed volume in both runs, turbidities in the sterile
harvest pools were below 4 NTU, demonstrating high product clarity, which could further facilitate the
subsequent downstream processing. In addition, a high mAb recovery above 95 % was obtained due

to the sufficient washing of cells and post-flushing of the filters showing again the high efficiency.

In summary, high clarity of the harvest as well as high recoveries of mAb were achieved, confirming
robustness of the approach to clarify a very broad range of cell broth characteristics from various mAb
production processes. Furthermore, the limitations of stepwise clarification were bypassed through a
direct connection of both clarification steps in the streamline setup. Therefore, FBC with integrated
filtration can be used as a SU platform approach, which contributes to the intensification efforts in
biomanufacturing. As a next step, the UO could be connected with a subsequent continuous capture

step to achieve further intensification in mAb processing.
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(57) Abstract: The invention is directed to a clarification setup of a bioprocessing
installation for the clarification of a cell broth by centrifugation and subsequent
filtration, wherein, for the centrifugation, the clarification setup comprises a cen-
trifuge (1), wherein the centrifuge (1) comprises at least one centrifuge chamber
(2) with a chamber inlet (3) and a chamber outlet (4), wherein the clarification
setup comprises a liquid pumping arrangement (5) assigned to the centrifuge (1)
and a liquid network (6) with a number of liquid lines (7) communicating with
the liquid pumping arrangement (5), wherein the clarification setup comprises a
"8 process control (8) for controlling at least the centrifuge (1) and the liquid pump-
—1p ing arrangement (5). It is proposed that for filtration, the clarification setup com-
prises a filter arrangement (9), that the liquid network (6) provides an outlet su-
pernatant line (10) for a liquid connection between the chamber outlet (4) and the
filter arrangement (9), which is at least temporarily, preferably permanently, liq-
uid-tight, such that due to this liquid-tight condition of the outlet supernatant line
(10) the liquid pumping arrangement (5) as such may drive the supernatant from
the chamber outlet (4) to the filter arrangement (9) via the outlet supernatant ling
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Clarification setup of a bioprocessing installation

The present invention relates to a clarification setup of a bioprocessing
installation according to the general portion of claim 1, a bioprocess installation
with such a clarification setup according to claim 15 and a method for operating
such a clarification setup according to claim 16.

The bioprocessing installation in question may be applied in various fields of
bioprocessing technology. High efficiency in this field has been driven by the
increasing demand for biopharmaceutical drugs. The efficiency in this sense is
regarding not only the cost-effectiveness of the components to be used, but
also the controllability of the processes connected thereto.

The clarification setup in question serves for the clarification of a cell broth by
centrifugation and subsequent filtration. The cell broth is to be understood as a
suspension comprising a liquid portion including supernatant comprising soluble
(bio)ymolecules including the product of interest and comprising a solid portion
comprising cells, cell debris and other solid particles.

The clarification serves to gain the supernatant including the product of interest
from the cell broth by separating solid particles such as cells and cell debris.

The known clarification setup (EP 2 310 486 B1), which is the starting point for
the invention, comprises a centrifuge with a number of centrifuge chambers,
which are each assigned a chamber inlet and a chamber outlet. The
clarification setup also comprises a liquid pumping arrangement assigned to the
centrifuge and a liquid network for the transport of the liquid, which is based on
the cell broth to be clarified. Finally, the clarification setup comprises a process
control for controlling at least the centrifuge and the liquid pumping
arrangement.

It is also known that, depending on the application, it is necessary to filter the
centrifuge solution by a filter arrangement comprising, for example, a depth
filter and a sterile filter (“examining single use harvest clarification options: a
case study comparing depth-filter turbidities and recoveries”, Manish K.
Sharma, Bioprocess International, 2017).
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The known clarification setup as such is running in a highly efficient manner.
The same is to be said for the known filter arrangements that may be used to
filter solid particles from the centrifuged liquid, called the supernatant. However,
the resulting combination is of restricted efficiency in view of redundancies in
the mechanical setup as well as in the controllability of the overall process.

It is therefore the object of the invention, to improve the known clarification
setup such that its combined operation with a subsequent filter arrangement is
of increased efficiency.

The above noted problem is solved by a clarification setup according to the
general portion of claim 1 with the features of the characterizing portion of claim
1.

The general concept underlying the invention is based on a liquid tight
connection between the chamber outlet and the filter arrangement. First of all,
this allows for the operation without any intermediate reservoir for the liquid
between the chamber outlet and the filter arrangement. All effects with such an
intermediate reservoir, which has proven to lead to undesired drawbacks, are
eliminated. Second of all, the liquid pumping arrangement, which is assigned to
the centrifuge, may well be used to pump the centrifuged liquid to and through
the filter arrangement. This means, that the filter arrangement as such does not
need a separate liquid pumping arrangement, which is not only cost efficient,
but is also making the control of the overall process easier and more efficient.
Furthermore, the absence of an intermediate reservoir and a separate liquid
pumping arrangement for the filter arrangement significantly reduces the
footprint of the clarification set-up which is especially beneficial with respect to
large-scale applications in the pharmaceutical industry and limited space to run
process facilities. Finally, due to the proposed closed outlet supernatant line, no
fluid may come into contact with any component outside this closed system,
which leads to a reduced risk of contamination and a particularly environment
friendly process and increased process savety.

In detall, it is proposed, that for filtration, the clarification setup comprises a filter
arrangement, that the liquid networks provides an outlet supernatant line for a
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liquid connection between the chamber outlet and the filter arrangement, which
is at least temporarily, preferably permanently, liquid-tight, such that due to this
liquid-tight condition the liquid pumping arrangement as such may drive the
supernatant from the chamber outlet to the filter arrangement via the outlet
supernatant line.

The preferred embodiment according to claim 2 regards the combination of
components in a self contained unit. The expression "self contained unit"
represents a unit that is physically one single unit and that as a unit provides a
function, that results from the combination of its components. With a structure
according to claim 2, the realization of costly redundant components such as
separate liquid pumping units for the centrifuge and the filter arrangement, may
be prevented.

The process control is preferably designed to execute a number of
predetermined process cycles according to claim 3, such as a loading cycle, a
washing cycle and a discharging cycle. Such cycles are preferably each defined
by a software module, which may be run on the process control.

Claims 4 to 6 are directed to the realization of the above noted, most essential
process cycles, namely the loading cycle, the washing cycle and the
discharging cycle. Due to the liquid tight condition of the outlet supernatant line,
the liquid pressure and/or the liquid flow may easily be controlled by the liquid
pumping arrangement.

The preferred embodiment according to claim 7 is directed to providing a valve
arrangement for activating/deactivating the liquid lines of the liquid network in
order to support the execution of the respective cycle. Here, deactivating
means, that liquid flow through the respective liquid line may be blocked by the
respective valve. Activating means, accordingly, that liquid flow is allowed
through the respective liquid line.

According to claim 8, activating and deactivating of the filter arrangement or at
least one filter of the filter arrangement is possible by the control of the valve
arrangement. This allows for example a proper reaction to the blockage of a
filter of the filter arrangement. In addition according to claim 9, the valve
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arrangement may be used for the redirection of liquid, for example, in order to
flush the filter arrangement. This makes it possible to double use certain liquid
lines for different tasks.

Claim 10 clarifies, that the filter arrangement may comprise at least one filter
stage, peferably two filter stages comprising a depth filter stage and a steril filter
stage, which may be individually laid out. The proposed clarification setup
allows to realize a nearly unrestricted range of filter setups. Due to the
centralized process control, it is possible to directly react to a filter blockage, for
example by terminating the execution of the respective process cycle.

Claims 11 to 13 are directed to a sensor arrangement for measuring properties
of the liquid in at least one of the liquid lines. Such properties may be the
occurrence level of biomass and/or supernatant, the liquid pressure, the liquid
flow or the like. The resulting sensor signals are being provided to the process
control, which allows automation of the process cycles to a wide extent.

The term "occurrence level" in this application generally is a variable, which
represents the degree of occurrence of the respective entity, here and
preferably of biomass and/or supernatant, in the respective liquid line. This
variable may represent a continuous range between "occurrence” and "no
occurrence”. This is for example the concentration of the respective entity within
the liquid in the liquid line. The occurrence level may also represent a binary
information being either "occurrence" or "no occurrence” of the entity in the
liquid line.

In order to guarantee a cost efficient process and at the same time perfectly
clean condition of the clarification setup, according to claim 14, at least part of
the clarification setup is provided as a single use component.

A second independent teaching according to claim 15 is directed to a
bioprocess installation with a proposed clarification setup and with a cell broth
source in the form of a storage vessel or a production vessel, such as a
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bioreactor. All explanations given with regard to the first teaching are fully
applicable to this second teaching.

A third independent teaching according to claim 16 is directed to a method for
operating a proposed clarification setup, wherein the clarification setup
comprises a valve arrangement controlled by the process control and wherein
at least one filter of the filter arrangement is being deactivated and activated by
shutting and unshutting the respective filter. Again, all explanations given with
regard to the first teaching are fully applicable to this third teaching.

Preferably, the proposed method is based on a sensor arrangement for
measuring properties of the liquid in at least one of the liquid lines, which
sensor arrangement provides sensor signals to the process control and that at
least one filter of the filter arrangement is being deactivated/activated based on
the sensor signals of the sensor arrangement. Here as well, all explanations
given with regard to the first teaching, in particular in view of the application of a
sensor arrangement, are fully applicable.

In the following, a preferred embodiment of the invention is being described
with regard to the drawings. In the drawings show

Fig. 1 a schematic view on a proposed clarification setup during the loading
cycle,

Fig. 2 a schematic view on the clarification setup according to fig. 1 during the
washing cycle and

Fig. 3 a schematic view on the clarification setup according to fig. 1 during the
discharging cycle.

The proposed clarification setup, here and preferably, is assigned to the
downstream process of a cell culture containing a storage vessel or a
production vessel such as a bioreactor, processing a liquid in the form of a cell
broth. Accordingly, the wording "liquid"” is to be understood in a broad sense. It
includes not only liquids as such, but also solutions and suspensions with
particles like cells, cell debris, etc.
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This clarification setup may be operated in different operating modes. A first
operating mode, which is the focus of the present invention, is the clarification
of the cell broth from any solid particles by centrifugation and subsequent
filtration. The goal here is to separate the cell broth from solid particles such as
cells, cell debris, etc., which solid particles are considered biomass in the
following. The product to be obtained in this first operating mode is the
supernatant of the cell broth containing a product of interest, e.g. a recombinant
protein such as an antibody.

A second operating mode, which may generally be realized by the present
invention as well, is the clarification of cells in the cell broth from supernatant.
The product to be obtained in this second operating mode are the cells in the
cell broth.

For the centrifugation, the clarification setup comprises a centrifuge 1, wherein
the centrifuge 1 comprises at least one centrifuge chamber 2.1, 2.2, 2.3, 2.4,
each with a chamber inlet 3 and a chamber outlet 4. In the drawings, the
altogether four centrifuge chambers 2.1, 2.2, 2.3, 2.4 are indicated. In this
particular case, the chamber inlets 3 of the centrifuge chambers 2.1, 2.2, 2.3,
2.4 are connected with each other and the chamber outlets 4 of the centrifuge
chambers 2.1, 2.2, 2.3, 2.4 are connected with each other to act as a single
chamber inlet respective a single chamber outlet from the outside.

Here and preferably, each chamber 2.1, 2.2, 2.3, 2.4 is lccated offset a
centrifuge rotor axis, wherein, further preferably, the respective chamber inlet 3
is located further away from the centrifuge rotor axis than the respective
chamber outlet 4.

The expression "chamber inlet" means that the liquid to be centrifuged enters
the respective chamber 2.1, 2.2, 2.3, 2.4 via the respective chamber inlet 3.
The expression "chamber outlet” means that the centrifuged liquid exits the
respective chamber 2.1, 2.2, 2.3, 2.4 via the respective chamber outlet 4. This
is only to be understood as a definition of the fluid interface of the respective
chamber 2.1, 2.2, 2.3, 2.4. As will be explained later, in certain situations, the
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chamber inlets 3 may be used as outlets and the chamber outlets 4 may be
used as inlets respectively.

In order to facilitate the explanation of the invention, in the following, the
specification states only one centrifuge chamber 2.1 with a chamber inlet 3 and
a chamber outlet 4. All explanations regarding this centrifuge chamber 2.1 are
fully applicable to any other centrifuge chamber, which may be provided.

The clarification setup comprises a liquid pumping arrangement 5 assigned to
the centrifuge 1 and a liquid network 6 with a number of liquid lines 7
communicating with the pumping arrangement 5, wherein the clarification setup
comprises a process control 8 for controlling at least the centrifuge 1 and the
liquid pumping arrangement 5. Here and preferably, the pumping arrangement
5 is located upstream the centrifuge chamber 2.1 during the loading cycle to be
explained.

The process control 8 may be realized as a central unit controlling all or at least
most of the components of the clarification setup. The process control 8 may
also be realized in a decentralized structure, comprising a number of
decentralized units. In any case, the process control 8 comprises at least one
microprocessor, on which a software may be run.

Here and preferably, the centrifuge 1 is designed as a fluidized bed centrifuge
for performing a continuous centrifugation process. The preferred setup of the
centrifuge 1 is described in European Patent EP 2 485 846 B1.

The centrifuge 1 comprises a rotor, which may be rotated around the centrifuge
rotor axis by a preferably electric motor, which is controlled by the process
control 8 for the realization of a centrifuge revolution speed. For centrifugation,
the liquid pumping arrangement 5 pumps cell broth through the centrifuge
chamber 2.1.

The centrifuge revolution speed as well as the pumping rate are adjusted,
preferably by the process control 8, with the aim to establish a fluidized bed of
particles such as cells or cell debris in the centrifuge chamber 2.1. A fluidized
bed is achieved when the centrifugal force on a particle is equal to the opposing
fluid flow force so that a zero net force is exerted on the particle.
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In order to obtain a particle free supernatant, the centrifuged cell broth is
pumped through a filter arrangement 9 of the clarification setup as shown in
Fig. 1. For this, the liquid network 6 provides an outlet supernatant line 10 for a
liquid connection between the chamber outlet 4 and the filter arrangement 9.
Downstream of the filter arrangement 9 is provided a supernatant reception
21.1, in particular a supernatant vessel.

For better understanding, in the detailled view of the centrifuge chamber 2.1 in
Fig. 1, the buffer is indicated with reference "B", the supernatant is indicated
with reference "S" and the particles are indicated with reference "P".

It is particularly essential for the invention, that the outlet supernatant line 10 is
at least temporarily, preferably permanently, liquid-tight, such that due to this
liquid-tight condition of the outlet supernatant line 10 the liquid pumping
arrangement 5 as such may drive the supernatant from the chamber outlet 4 to
the filter arrangement 9 via the outlet supernatant line 10. In other words, the
outlet supernatant line 10 is at least temporarily, preferably permanently, liquid
tight such that the liquid pressure and/or the liquid flow may be controlled by the
liguid pumping arrangement 5, which is assigned to the centrifuge 1. The
expression "temporarily" means, that in the installed state of the clarification
setup, the liquid tightness may be canceled for a certain time, for example by
switching of a valve or the like. The expression "permanently” means, that in
the installed state of the clarification setup, the liquid tightness is always
guaranteed. The later embodiment includes, preferably, the outlet supernatant
line 10 being fluid tight also in the uninstalled state.

As a result, the liquid connection between the centrifuge 1 and the filter
arrangement 9 via the outlet supernatant line 10 at least temporarily, preferably
permanently, is a closed system regarding liquids in the above noted sense. In
addition, preferably, the connection between the centrifuge 1 and the filter
arrangement 9 via the outlet supernatant line 10 at least temporarily, preferably
permanently, is a closed system regarding gaseous media.

Here and preferably, the centrifuge 1 and the liquid pumping arrangement 5 are
combined in a unit 11. Preferably, this means that a unit carrier is provided,
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which carries all unit components, here the centrifuge 1 and the liquid pumping
arrangement 5. The unit carrier may well include a housing, which houses all
unit components.

The above noted unit 11 is preferably a self contained unit. The expression "self
contained unit" means, that this unit 11 includes all components to provide a
desired function, here the function of centrifugation. Such a self contained unit
provides interfaces in mechanical, electrical, electronical and liquidical view, in
order to be chained into an overall process.

Further preferably, the filter arrangement 9 is part of the above noted unit 11.
As an alternative or in addition, the process control 8 is part of this self-
contained unit 11 as well. As a result, the part of the downstream process
including the centrifugation and subsequent filtration may well be realized as a
fully integrated process in a single, preferably self contained, unit.

The process control 8 is preferably designed to periodically execute a number
of predetermined process cycles sequentially by controlling at least the
centrifuge 1 and the liquid pumping arrangement 5. One of the process cycles
is a loading cycle as indicated in Fig. 1, during which cell broth is pumped into
the chamber inlet 3. Another one of the cycles may be a washing cycle as
indicated in Fig. 2, during which a buffer is pumped into the chamber inlet 3.
Finally, another one of the cycles may be a discharging cycle, during which a
buffer is pumped to the chamber outlet 4. While those cycles of loading cycle,
washing cycle and discharging cycle are well known for fluidized bed
centrifugation, it is interesting here that the process control 8 is automatically
executing those cycles sequentially, according to a certain control strategy. In
the easiest case, the control strategy includes the execution of the respective
cycles according to a fixed sequence in a fixed time pattern. However, the
control strategy may well be based on sensor signals to be discussed later.

In the following, the above noted process cycles will be explained in detail.
Preferably, as indicated in Fig. 1, the liquid network 6 comprises an inlet feed

line 12 between the chamber inlet 3 and a cell broth source 13, preferably a
storage vessel or production vessel such as a bioreactor. During a loading

69



20

25

30

35

Experimental Results

WO 2022/008536 PCT/EP2021/068706

-10 -

cycle, the cell broth may then be pumped by the liquid pumping arrangement 5
from the cell broth source 13 to the chamber inlet 3 via the inlet feed line 12,
while the supernatant is flowing from the chamber outlet 4 to the filter
arrangement 9 via the outlet supernatant line 10. In an especially preferred
embodiment, during the loading cycle, the liquid pressure and/or the liquid flow
at an inlet of the filter arrangement 9 may be controlled by the liquid pumping
arrangement 5. This is due to the liquid tightness of the outlet supernatant line
10. It may also be necessary, that in the beginning of the loading cycle,
remaining buffer in the centrifuge chamber 2.1 may be flushed into the waste
reception 17 via the outlet waste line 14, before the chamber outlet 4 is
connected by valve switching to the filter arrangement 9 via the outlet
supernatant line 10.

Here it is to be understood, that the outlet supernatant line 10 and the outlet
waste line 14 overlap each other along a certain liquid line section. Accordingly,
the outlet supernatant line 10 on the one hand and the outlet waste line 14 on
the other hand do not have to be separate from each other along their complete
extent. This is true for all other definitions of liquid lines presented here, which
are each being provided by part of the liquid network 6.

According to Fig. 2, the liquid network 6 preferably comprises an inlet washing
line 15 between the chamber inlet 3 and a buffer source 16 and an outlet waste
line 14 between the chamber outlet 4 and a waste reception 17, preferably a
waste vessel, which here and preferably is the same as the waste reception 17.
During a washing cycle, the buffer may be pumped by the liquid pumping
arrangement 5 from the buffer source 16 to the chamber inlet 3 and from the
chamber outlet 4 via the outlet supernatant line 10 to the filter arrangement 9 or
from the chamber outlet 4 via the outlet waste line 14 to the waste reception 17.
This means, that during the washing cycle, in an embodiment, the buffer may
be pumped exclusively through the outlet supernatant line 10, and in another
embodiment , the buffer may be pumped exclusively through the outlet waste
line 14. In still another embodiment, during the washing cycle, the buffer may
be pumped firstly through the outlet supernatant line 10 and subsequently
through the outlet waste line 14.
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Also during the washing cycle, the liquid pressure and/or the liquid flow in the
outlet waste line 14 may be controlled by the liquid pumping arrangement 5. It
may also be necessary, that in the beginning of the washing cycle, buffer and
remaining supernatant in the centrifuge chamber 2.1 is being pumped to the
filter arrangement 9 via the outlet supernatant line 10, before the chamber
outlet 4 is connected by valve switching to the waste reception 17 via the outlet
waste line 10.

Finally, it may be provided, that during the whole washing cycle, the chamber
outlet 4 is connected by valve switching to the filter arrangement 9 via the outlet
supernatant line 10. Then, the volume of the buffer to be pumped during the
washing cycle is to be as low as possible, in order to prevent an unduly dilution
of the supernatant in the supernatant reception 21.1. Preferably, during the
washing cycle, buffer and remaining supernatant in the centrifuge chamber 2.1
is being pumped from the chamber outlet 4 via the outlet supernatant line 10 to
the filter arrangement 9 for a short time, after which the washing cycle is being
terminated.

Fig. 3 shows, that the liquid network 6 comprises an outlet buffer line 19
between the chamber outlet 4 and the buffer source 16 and an inlet cell harvest
line 20 between the chamber inlet 3 and a cell harvest reception 21.2,
preferably a cell harvest vessel. This is for the case, that the cells in the cell
broth are to be obtained as a product. During a discharging cycle, the buffer
may then be pumped from the buffer source 16 to the chamber outlet 4 via the
outlet buffer line 19, while the buffer including solid particles, preferably cell
harvest, is flowing from the chamber inlet 3 to the cell harvest reception 21.2 via
the inlet cell harvest line 20. During the discharging cycle, the liquid pressure
and/or the liquid flow in the outlet buffer line 19 may be controlled by the liquid
pumping arrangement 5.

In case, during discharging, the cells are to be dismissed, as an alternative to
the inlet cell harvest line 20, there may be provided an inlet waste line 22
between the chamber inlet 3 and another waste reception 18, which may also
be the waste reception 17 at the same time. In this case, during the discharging
cycle, the buffer may be pumped from the buffer source 16 to the chamber
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outlet 4 via the outlet buffer line 19, while the buffer including solid particles,
preferably cell harvest, is flowing from the chamber inlet 3 to the waste
reception 18 via the inlet waste line 22.

The clarification setup preferably comprises a valve arrangement 23 with at
least one valve 24, here and preferably with valves 24.1-24.13, controlled by
the process control 8, that allows to deactivate and activate at least one of the
liquid lines 7, preferably by closing and opening the respective valve 24. In the
drawings, the valves 24.1-24.13 are assigned the status "¢" for closed and "o0"
for opened. Accordingly, the valves 24 of the valve arrangement 8 are located
within or at least at one end of the respective liquid lines 7 to be activated and
deactivated.

For deactivation and activation of the respective liquid line 7, at least one valve
24 of the valve arrangement 23 is assigned to the respective liquid line 7. In the
drawings, the valve arrangement 23 comprises valves 24.1 to 24.13 as noted
above.

It is generally possible, that the filters 25-28 of the filter arrangement 9 are
activated and deactivated manually, for example by manually controllable
valves.

It is also possible, that no valve is assigned to the filter arrangement 9, in which
case, instead of deactivating part of the filter arrangement, the flushing of the
filter arrangement 9 is being started manually.

The term “flushing” means a pre-conditioning of filters by rinsing them with
buffer before the centrifugation process is started. In Addition, after the
centrifugation process is finished, a post-flushing of the filters is also prefered in
some cases in order to flush out remaining product in the filters and filter lines
into the harvest reception.

Here and preferably, however, it is provided that the valve arrangement 23 is
controllable by the process control 8, such that activation and deactivation of
the filters 25-28 of the filter arrangement 9 may be easily automated. The term
"activate” and "deactivate" with regards to the filters 25-28 of the filter
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arrangement 9 generally means, that liquid flow through the respective filter 25-
28 is enabled or disabled.

In the shown and insofar preferred embodiment the valve arrangement 23
allows to deactivate and activate at least one filter 25-28 of the filter
arrangement 9, preferably by closing and opening the respective valve 24.
Further preferably, for deactivation and activation of the respective filter 25-28,
at least one valve 24 of the valve arrangement 23 is assigned to the respective
filter 25-28.

The valve arrangement 23 also may allow to connect by valve switching the
buffer source 16 to the filter arrangement 9 for flushing at least one filter 25-28
of the filter arrangement 9. For flushing, another liquid pumping arrangement
34, which is preferably assigned to the unit 11, may be provided as shown in
the drawings.

Generally, the filter arrangement 9 may comprise only one filter stage. Here and
preferably, though, the filter arrangement 9 comprises a first filter stage 25,26
and a subsequent second filter stage 27, 28, wherein, further preferably, the
first filter stage 25, 26 comprises at least one depth filter and wherein the
second filter stage 27, 28 comprises at least one sterile filter. In a particularly
simple case, the first filter stage and the second filter stage comprise only one
filter. Again, as an alternative, those filters may be activated and deactivated
manually.

As noted above, the filter arrangement 9 may also comprise only a single filter
stage. For example, the filter arrangement may then comprise a multi layer
membrane filter, which combines the function of the depth filter with the function
of the sterile filter.

Further preferably, the clarification setup comprises a sensor arrangement 29
for measuring properties of the liquid in at least one of the liquid lines 7, which
sensor arrangement 29 provides sensor signals to the process control 8.

The process control 8 may activate or deactivate at least one of the liquid lines
7 via the valve arrangement 23 based on the sensor signals of the sensor
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arrangement 29 and according to the respective control strategy. It is preferred,
that the sensor arrangement 29 comprises a biomass sensor arrangement 30,
preferably an optical biomass sensor arrangement, for measuring an
occurrence level of biomass, preferably the biomass concentration, in the
respective liquid line 7. During the loading cycle, depending on the measured
occurrence level, preferably biomass concentration, the process control 8 then
deactivates or activates the inlet feed line 12 and/or starts the washing cycle.

As an alternative or in addition, the sensor arrangement 29 comprises a
supernatant sensor arrangement 31, preferably an optical supernatant sensor
arrangement, for measuring an occurrence level of supernatant in the
respective liquid line 7. During the loading cycle and/or the washing cycle,
depending on the measured occurrence level of supernatant, the process
control 8 then deactivates or activates the outlet supernatant line 10 and the
outlet waste line 14 via the valve arrangement 23.

Preferably during the loading cycle, the process control 8 activates or
deactivates at least one filter 25-28 of the filter arrangement 9 based on the
sensor signals of the sensor arrangement 29. In a particularly preferred
embodiment, the sensor arrangement 29 comprises at least one pressure
sensor 32, 33 assigned to a filter 25-28 of the filter arrangement 9, which
pressure sensor 32, 33 measures the liquid pressure upstream of the
respective filter 25-28. Further preferably, the process control 8 initiates an
overpressure routine in case the measured liquid pressure exceeds a
predefined value. It is also preferred, that the overpressure routine includes a
flush routine of the respective filter 25-28 of the filter arrangement 9, and/or,
that the overpressure routine includes circumpassing the respective filter 25-28
by a backup filter of the filter arrangement 9, and/or, that the overpressure
routine includes terminating the loading cycle of the clarification setup.

Generally it may be provided, that the centrifuge chamber 2 is designed as a
single use component. As an alternative or in addition, it may be advantageous,
that at least part of the liquid network 6, in particular the outlet supernatant line
10, is designed as a single use component, further preferably, that at least part
of the liquid filter arrangement 9 is designed as a single use component. The
single use component, in particular the supernatant line 10, is preferably made
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of a plastic material at least partly, such that it may be realized with low effort.
In a particularly preferred embodiment, the single use component is at least
partly made of a silicon material and/cr a polymer material.

In particular and as indicated above, the outlet supernatant line 10 as such may
be provided as a single use component. With this, it is particularly easy to
guarantee the proposed liquid tightness of the outlet supernatant line 10 without
the risk of compromising the liquid tightness due to user errors during
installation.

All in all it may be advantageous to provide all components, that are in direct
contact with liquid, as single use components. This would at least include all
liquid lines 7, all centrifuge chambers 2.1, 2.2, 2.3, 2.4, all filter 25-28 of the
filter arrangement 9. It may also include at least part of the valve arrangement
23 and/or at least part of the sensor arrangement 29. In particular, single use
sensors may be part of the sensor arrangement 29.

According to a separate teaching, the bioprocess installation with a proposed
clarification setup and with a cell broth source 13 in the form of a storage vessel
or production vessel, such as a bioreactor, is claimed as such. As noted above,
all explanations given for the proposed clarification setup are fully applicable.

According to another separate teaching, a method for operating the proposed
clarification setup is claimed as such, wherein the clarification setup comprises
a valve arrangement 23 controlled by the process control 8 and wherein at least
one filter 25-28 of the filter arrangement 9 is being deactivated and activated by
closing and opening the respective valve 24 of the valve arrangement 23. As
also noted above, all explanations given for the proposed clarification setup are
fully applicable.

75



10

15

20

25

30

35

Experimental Results

WO 2022/008536 PCT/EP2021/068706

-16 -

Claims

1. Clarification setup of a bioprocessing installation for the clarification of a
cell broth by centrifugation and subsequent filtration, wherein, for the
centrifugation, the clarification setup comprises a centrifuge (1), wherein the
centrifuge (1) comprises at least one centrifuge chamber (2.1) with a chamber
inlet (3) and a chamber outlet (4), wherein the clarification setup comprises a
liquid pumping arrangement (5) assigned to the centrifuge (1} and a liquid
network (6) with a number of liquid lines (7) communicating with the liquid
pumping arrangement (5), wherein the clarification setup comprises a process
control (8) for controlling at least the centrifuge (1) and the liquid pumping
arrangement (5),

characterized in

that for filtration, the clarification setup comprises a filter arrangement (9), that
the liquid network (6) provides an outlet supernatant line (10) for a liquid
connection between the chamber outlet (4) and the filter arrangement (9), which
is at least temporarily, preferably permanently, liquid-tight, such that due to this
liquid-tight condition of the outlet supernatant line (10) the liquid pumping
arrangement (5) as such may drive the supernatant from the chamber outlet (4)
to the filter arrangement (9) via the outlet supernatant line (10).

2. Clarification setup according to claim 1, characterized in that the centrifuge
(1) and the liquid pumping arrangement (5) are combined in a preferably self-
contained unit (11), preferably, that the filter arrangement (9) is part of this self-
contained unit (11), and/or, that the process control (8) is part of this self-
contained unit (11).

3. Clarification setup according to claim 1 or 2, characterized in that the
process control (8) is designed to execute a number of predetermined process
cycles sequentially by controlling at least the centrifuge (1) and the liquid
pumping arrangement (5), preferably, that one of the process cycles is a
loading cycle, during which cell broth is pumped into the chamber inlet (3),
and/or, that one of the cycles is a washing cycle, during which a buffer is
pumped into the chamber inlet (3), and/or, that one of the cycles is a
discharging cycle, during which a buffer is pumped to the chamber outlet (4).
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4. Clarification setup according to any one of the preceding claims,
characterized in that the liquid network (6) comprises an inlet feed line (12)
between the chamber inlet (3) and a cell broth source (13), preferably a storage
vessel or production vessel, such as a bioreactor, and that during a loading
cycle the cell broth may be pumped by the liquid pumping arrangement (5) from
the cell broth source (13) to the chamber inlet (3) via the inlet feed line (12),
while the supernatant is flowing from the chamber outlet (4) to the filter
arrangement (9) via the outlet supernatant line (10), preferably, that during the
loading cycle, the liquid pressure and/or the liquid flow at an inlet of the filter
arrangement (9) may be controlled by the liquid pumping arrangement (5).

5. Clarification setup according to any one of the preceding claims,
characterized in that the liquid network (6) comprises an inlet washing line (15)
between the chamber inlet (3) and a buffer source (16) and an outlet waste line
(14) between the chamber outlet (4) and a waste reception (17, 18), preferably
a waste vessel, and that during a washing cycle the buffer may be pumped by
the liquid pumping arrangement (5) from the buffer source (16) to the chamber
inlet (3) and from the chamber outlet (4) via the outlet supernatant line (10) to
the filter arrangement (9) or from the chamber outlet (4) via the outlet waste line
(14) to the waste reception, preferably, that during the washing cycle, the liquid
pressure and/cr the liquid flow in the outlet waste line (14) may be controlled by
the liquid pumping arrangement (5).

6. Clarification setup according to any one of the preceding claims,
characterized in that the liquid network (6) comprises an outlet buifer line (19)
between the chamber outlet (4) and a buffer source (16) and an inlet cell
harvest line (20) between the chamber inlet (3) and a cell harvest reception
(21.2), preferably a cell harvest vessel, and that during a discharging cycle the
buffer may be pumped from the buffer source (16) to the chamber outlet (4) via
the outlet buffer line (19}, while the buffer including solid particles, preferably
cell harvest, is flowing from the chamber inlet (3) to the cell harvest reception
(21.2) via the inlet cell harvest line (20) or from the chamber inlet (3) to the
waste reception (18) via the inlet waste line (22) , preferably, that during the
discharging cycle, the liquid pressure and/or the liquid flow in the outlet buffer
line (19) may be controlled by the liquid pumping arrangement (5).

77



20

25

30

35

Experimental Results

WO 2022/008536 PCT/EP2021/068706

-18 -

7. Clarification setup according to any one of the preceding claims,
characterized in that the clarification setup comprises a valve arrangement (23)
with valves (24), each controlled by the process control (8), which allows to
deactivate and activate at least one of the liquid lines (7), preferably by closing
and opening the respective valves (24) of the valve arrangement (23), further
preferably, that, for deactivation and activation of the respective liquid line (7),
at least one valve (24) of the valve arrangement (23) is assigned to the
respective liquid line (7).

8. Clarification setup according to claim 7, characterized in that the valve
arrangement (23) allows to deactivate and activate at least one filter of the filter
arrangement (9), preferably by closing and opening the respective filter (25-28),
further preferably, that, for deactivation and activation of the respective filter
(25-28), at least one valve (24) of the valve arrangement (23) is assigned to the
respective filter (25-28).

9. Clarification setup according to any one of the preceding claims,
characterized in that the valve arrangement (23) allows to connect by valve
switching the buffer source (16) to the filter arrangement (9) for flushing at least
one filter (25-28) of the filter arrangement (9).

10. Clarification setup according to any one of the preceding claims,
characterized in that the filter arrangement (9) comprises at least one filter
stage, more preferably a first filter stage (25, 26) and a subsequent second filter
stage (27, 28}, preferably, that the first filter stage (25, 26) comprises at least
one depth filter and that the second filter stage (27, 28) comprises at least one
sterile filter.

11. Clarification setup according to any one of the preceding claims,
characterized in that the clarification setup comprises a sensor arrangement
(29) for measuring properties of the liquid in at least one of the liquid lines (7),
which sensor arrangement (29) provides sensor signals to the process control

(8).

12. Clarification setup according to any one of the preceding claims,
characterized in that the process control (8) activates or deactivates at least

78



20

25

30

35

Experimental Results

WO 2022/008536 PCT/EP2021/068706

-19 -

one of the liquid lines (7) based on the sensor signals of the sensor
arrangement (29), preferably, that the sensor arrangement (29) comprises a
biomass sensor arrangement (30), preferably an optical biomass sensor
arrangement, for measuring an occurrence level of biomass, preferably the
biomass concentration, in the respective liquid line (7) and that during the
loading cycle, depending on the measured occurrence level of biomass, the
process control (8) deactivates/activates the inlet feed line (12), and/or, that the
sensor arrangement (29) comprises a supernatant sensor arrangement (31),
preferably an optical supernatant sensor arrangement, for measuring an
occurrence level of supernatant in the respective liquid line (7) and that during
the loading cycle and/or the washing cycle, depending on the measured
occurrence level of supernatant, the process control (8) deactivates/activates
the outlet supernatant line (10) and the outlet waste line (14).

13. Clarification setup according to any one of the preceding claims,
characterized in that, preferably during the loading cycle, the process control (8)
activates or deactivates at least one filter (25-28) of the filter arrangement (9)
based on the sensor signals of the sensor arrangement (29), preferably, that
the sensor arrangement (29) comprises at least one pressure sensor (32, 33)
assigned to a filter (25-28) of the filter arrangement (9), which pressure sensor
(32, 33) measures the liquid pressure upstream of the respective filter (25-28),
further preferably, that the process control (8) initiates an overpressure routine
in case the measured liquid pressure exceeds a predefined value, further
preferably, that the overpressure routine includes a flush routine of the
respective filter (25-28) of the filter arrangement (9), and/or, that the
overpressure routine includes circumpassing the respective filter (25-28) by a
backup filter of the filter arrangement (9), and/or, that the overpressure routine
includes terminating the loading cycle of the clarification setup.

14. Clarification setup according to any one of the preceding claims,
characterized in that the centrifuge chamber (2) is designed as a single use
component, preferably, that at least part of the liquid network (6), in particular
the outlet supernatant line (10), is designed as a single use component, further
preferably, that at least part of the filter arrangement (9) is designed as a single
use component.
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15. Bioprocess installation with a clarification setup according to any cne of the
preceding claims and with a cell broth source (13) in the form of a storage
vessel or a production vessel such as a bioreactor.

16. Method for operating a clarification setup according to any one of the
claims 1 to 14 or a bioprocess installation according to claim 15, wherein the
clarification setup comprises a valve arrangement (23) controlled by the
process control (8) and wherein at least one filter (25-28) of the filter
arrangement (9) is being deactivated and activated by closing and opening the
respective valve (24) of the valve arrangement (23).

17. Method according to claim 16, characterized in that the clarification setup
comprises a sensor arrangement (29) for measuring properties of the liquid in
at least one of the liquid lines (7), which sensor arrangement (29) provides
sensor signals to the process control (8) and that at least one filter (25-28) of
the filter arrangement (9) is being deactivated/activated based on the sensor
signals of the sensor arrangement (29).
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5 Conclusion and Outlook

Cell clarification is the connective unit operation between USP and DSP. In the biomanufacturing of
mAb, clarification must therefore meet both the robust product harvest from various cell culture
broths after USP and the requirements of the subsequent DSP to ensure the high purity standards of

the authorities for biopharmaceutical products.

In recent years, the USP have been continuously intensified to increase productivities in order to satisfy
the growing global demand for affordable mAb’s. However, the high cell concentrations usually
applied for this purpose increase the burden on all subsequent steps. As a result, established platform
approaches for cell clarification, such as disc stack centrifugation and depth filtration, are limited by
low biomass loading capacities and low product recoveries, making them unsuitable for the

clarification of HCD processes.

Due to the lack of appropriated technologies, the motivation of this study was to develop and optimize
a process platform enabling efficient clarification of HCD broth with up to 100 million cells/mL. A
further requirement on the approach was its ability to be integrated into SU-based production
processes, which is an additional strategy for process intensification. Focus of this thesis was also
placed on the process robustness to reach a high mAb recovery and a high purity for a broad range of
different cell broth characteristics. Beside the removal of all particulate cell and cell debris impurities,
additional removal of molecular process related impurities should also be investigated with the aim of
further intensifying a potential clarification operation. Finally, the impact of the clarification approach
on critical mAb quality attributes should be assessed to evaluate the efficiency and safety of the

process.

As one of the main findings of this PhD thesis, SU-based fluidized bed centrifugation was identified as
an efficient first step for the removal of CHO cells from HCD cultures. Due to an optimization of the
FBC process parameters, the cell broth throughput, supernatant purity, and mAb recovery were
increased. It was shown that the ability to wash the captured cells in the fluidized bed is one of the
most significant impact factors to obtain high mAb recoveries of approximately 95 %. In order to
achieve complete removal of all particulate impurities, a suitable filter assembly consisting of a depth

filter followed by a sterile filter was selected by a screening.

An experimental study to clarify wvarious cell broth conditions ranging from
20 x 108 to 110 x 10° cells/mL confirmed applicability and robust process performance of the approach.
This finding demonstrated that a FBC step with a small filtration step has a high potential to be used

as a platform approach in industrial biomanufacturing.
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In addition, a process model of the FBC step was established to determine the average throughput and
dilution rate of the supernatant. The knowledge gained in this work, can be used to adapt the

clarification UO depending on the bioreactor volume and the cell concentration in the cultivation broth.

In order to intensify the clarification process and additionally improve the removal of process related
impurities in the subsequent DSP, the clarification approach was combined with pretreatments of the
cell cultures. A flocculation and a precipitation treatment were found, that had both hardly any effect
on the FBC process as well as the quality of mAb but were capable to increase the maximum depth
filter capacity up to four-fold and remove approximately 90 % of DNA impurities already in the
clarification UO. However, on the one hand, this study showed that due to the harsh environmental
conditions caused by the pretreatments, evaluation and careful adaptation to the particular mAb is
required. On the other hand, the approach promises significant improvements in the process, which is
particularly advantageous for low-viability cell cultures with a high load of cell debris and process-

related impurities.

A further achievement of this work is the development of an enhanced SU process platform based on
the mentioned approach. Through a direct connection of both clarification steps the limitations of
stepwise clarification were bypassed, resulting in improved process control, faster clarification, and
significant reduction of required process equipment. Furthermore, the established connected and thus
closed flow path from the bioreactor to the sterile particle free harvest vessel increases the process
safety. In a proof-of-concept study, the feasibility of this streamlined clarification approach using
fluidized bed centrifugation with integrated filtration was successfully demonstrated up to 200 L

bioreactor pilot scale.

Another interesting field of application identified during this work could be the re-use of viable cells
after the removal of the product containing supernatant by the FBC. Usually, the concentrated and
washed cells are discharged after the clarification, however, it was found that the mild process
conditions in combination with sterile processing keeps the cells intact during the FBC process. After
transferring the cells back into fresh culture medium further cell growth and mAb production were
observed, suggesting that the cells can be re-used in a second production cycle. Since this approach
could significantly increase the productivity of USP, further studies are needed to evaluate this effect

and use it in new USP modalities.

In further studies, additional focus should be placed on integration of the developed clarification
platform in continuous production to meet the requirements of fully continuous mAb processing and
connection of further DSP UO. Such operation could enable synergistic effects, like the combination of
the cyclic clarification processing and the continuous product capture using multi column

chromatography, and thus further intensify the overall manufacturing process.
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Moreover, further studies are needed to validate the developed process platform using upscaled FBC
systems to increase the throughput so that they can be used in large-scale industrial SU manufacturing,
where typical bioreactor volumes of 2,000 L are applied. Additional cost-of-goods modeling is
recommended to identify the largest cost drivers of the process and to compare the costs of other

platform concepts with the developed approach.

In conclusion, a robust and efficient clarification UO is a key to connect USP with DSP enabling
production of large quantities of affordable mAb’s. The developed SU approach using a FBC followed
by a filtration step allows such intensified clarification for various process streams including HCD
processes. This and the ability to perform both connected clarification steps in an automated way
offers great potential to use the approach as a process platform. The outcome of this work therefore
supports the holistic efforts to intensify biopharmaceutical production, which helps to provide patients

with better treatments.
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